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Abstract 

Water scarcity and global warming are two vexing and intertwined problems with 

significant impacts on human society and eco-system. Forward osmosis (FO) can 

potentially be used as an effective tool for wastewater reclamation and alleviating global 

warming. This study aimed to explore new approaches to deploy FO toward these 

objectives. This study elucidated the rejection mechanisms of 43 trace organic 

contaminants (TrOCs) by FO through a systematic investigation of several influencing 

factors including draw solution chemistry, contaminants species and membrane fouling. 

This study also demonstrated the viability of FO as an alternative trim cooler in post-

combustion CO2 capture and repetitive CO2 capture via direct contact membrane 

distillation - forward osmosis (DCMD-FO) system.  

Results from this study revealed that membrane fouling could induce considerable effects 

on TrOCs rejection via investigations of three specific organic foulants. Municipal 

wastewater resulted in a more compact fouling cake layer than that caused by humic acid 

and sodium alginate, which was likely due to large constituents of low molecular weight 

neutrals and acids. In addition, fouling altered the membrane less negatively charged and 

less hydrophilic. Steric hindrance caused by the additional filtration cake layer therefore 

became the dominant rejection mechanism for sulfamethoxazole. However, lower 

rejection of carbamazepine was likely due to the cake-enhanced concentration 

polarization.  

Through a systemic investigation, results from this study heightened the inherent 

complexity in TrOCs rejection by FO. Due to the intrinsic bidirectional transport 

phenomenon, the reverse flux of proton (or hydroxyl radical) could alter the feed solution 

pH, which governed the separation of ionizable TrOCs. In addition, variation in hydrated 

radius of draw solution resulted in the sharp contrast in terms of reverse salt flux (NaCl: 

33 g/m2h; LiCl: 2 g/m2h) and therefore different ionic strength of feed, thus the 

corresponding electrostatic interaction. Charged compounds generally exhibited higher 

rejections than neutral ones by the clean membrane, which indicated that electrostatic 

interaction rather than steric hindrance was the dominant rejection mechanism.  
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Intrinsic osmotic driving force also enlightened this study to apply FO as an alternative 

to a trim cooler in post-combustion CO2 capture. Regenerated amine-based solvents, such 

as glycine, sodium glycinate, and monoethanolamine (MEA) were successfully used as 

the draw solution to extract water from treated effluent or seawater, which could provide 

the make-up water for CO2 capture. Glycine showed a higher water flux, a lower reverse 

salt flux and specific reverse salt flux than sodium glycinate and MEA in both membrane 

orientations, thus was selected for further investigations.  

A higher water flux but with considerable flux decline were observed when active layer 

faced draw solution. Temperature increase in draw solution could alter thermodynamics 

properties of glycine, thus, resulting in an increase of reverse salt flux. It enhanced water 

flux due to the diminishing concentrative internal concentration polarisation. On the other 

hand, changes in water flux were insignificant when active layer faced feed solution even 

as temperature increased. It appears that temperature increase was likely to aggravate the 

severity of dilutive internal concentration polarisation and offset the growth of osmotic 

pressure. Despite of the lower water transportation from seawater than treated effluent 

due to the less osmotic gradient, seawater could also be as an alternative cooling source 

and desalinated simultaneously.     

This study also demonstrated 85 and 89% of re-absorption capacities for MEA and 

sodium glycinate in a hybrid DCMD-FO system respectively via the low regeneration 

temperature. The DCMD achieved respective 33.6 and 33.2% of desorption efficiency for 

MEA and sodium glycinate at 80 °C. Unlike negligible change caused by sodium 

glycinate, MEA resulted in either increase or decrease of hydrophobicity for each MD 

membrane, thus a partial wetting as well. Water production declines were observed for 

both solvents due to the membrane wetting. However, the high solvent rejection indicated 

that DCMD resulted in the negligible amine loss.  

Regenerated MEA and sodium glycinate resulted in the contrast water flux when 

deionised water was used as the feed (MEA: 27 L/m2h, Sodium glycinate: 14 L/m2h). 

They both whereas showed a similar water flux (15 L/m2h) when treated effluent was 

used as the feed. In addition, sodium glycinate presented a smaller reverse salt flux than 

that of MEA for both deionised water and treated effluent. A particular membrane 

structure may lead to the disparity in water flux. More research work is required for the 

cost-effective CO2 capture based on membrane system.
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Chapter 1 Introduction  

1.1 Background 

Water scarcity is an increasingly pervasive problem worldwide and has been further 

exacerbated by population growth, energy shortage and global warming [1]. Based on the 

current water exploitation rate, water consumption (6900 billion m3 per year) is expected 

to exceed over total accessible water source (4200 billion m3 annually) by 2030 [2]. 

Wastewater reclamation is arguably the most significant approach to alleviate such 

tremendous freshwater demand from different economic sectors, such as energy 

production, industry and agriculture.  

Wastewater treatment plant is an integrated part of the water recycling infrastructure as it 

provides treated effluent to existing water cycle via conventional physical, chemical, and 

biological process. However, conventional wastewater treatment plant is not specifically 

designed for the removal of trace organic contaminants (TrOCs). These TrOCs include 

hormones, pharmaceutically active compounds, industrial chemicals, and pesticides can 

be detected in the secondary treated effluent. Thus, the removal efficiency of these TrOCs 

by these wastewater treatment plants are highly variable and low. The potential impacts 

by TrOCs on human health and the environment have received significant attention from 

the scientific community [3]. Recent data suggest that these TrOCs may induce chronic 

biological effects on non-target organisms (including humans) even at low concentrations 

[4, 5]. 

Several advanced membrane-based processes, such as nanofiltration (NF), reverse 

osmosis (RO), and membrane bioreactor have been implemented to effectively remove 

TrOCs during water and wastewater treatment [6-9]. However, high energy consumption, 

high fouling propensity and issues associated with brine discharge have all been identified 

as major drawbacks of these membrane based technologies [10-12]. Therefore, the 

innovative membrane process containing following features: less energy consumption, 

low fouling tendency, and high TrOCs removal is desirable to be implemented.  

CO2 emission by anthropogenic activities has significantly accelerated global warming, 

which also exacerbated water scarcity in recent years. The combustion of fossil fuel 

accounts for 45% of the total CO2 emissions or 37.15 Gt CO2 [13]. A pragmatic approach 
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for mitigating CO2 emission is the carbon capture and storage, where CO2 is removed 

from flue gas and pumped into deep geologic reservoirs for storage. Thus, three main 

approaches (pre-combustion, post-combustion and oxyfuel combustion) associated with 

different combustion processes have been deployed to separate CO2 from the flue gas 

[14]. 

A proven technology to mitigate CO2 emission from post-combustion CO2 capture is 

amine scrubbing [15-17]. In the amine scrubbing process, amine chemically reacts with 

CO2 in the low concentration from a flue gas, thus forming CO2 rich-loaded amine at 

ambient temperature. CO2 rich-loaded amine is further regenerated at high temperature 

(i.e. 100 - 120 °C) to release pure CO2 for geologic storage. After regeneration, CO2 rich-

loaded amine becomes CO2 lean-loaded amine for repetitive CO2 capture. A large volume 

of make-up water is required for the current post-combustion CO2 capture process (i.e. 

CO2 absorption and desorption column, CO2 product compression) [18-20]. Amine-based 

absorption significantly increases the cooling requirement in the trim cooler. Most trim 

coolers are performed by using the surface water other than the air due to the lower energy 

cost [21]. Thus, the availability of water resources near the power plant (for instance, in 

arid regions) will limit the deployment of CO2 capture. Either improving the efficiency 

of trim coolers or looking for the alternative cooling process provides a possible method 

to mitigate large amount of freshwater consumption.  

Forward osmosis (FO) may be that solution in response to above problems. FO is an 

emerging membrane process, which utilizes the osmotic pressure as the driving force for 

transportation of clean water from feed solution (low concentration) to draw solution 

(high concentration). In this context, wastewater can be used as the feed solution since its 

osmotic pressure is far lower than that of selected draw solution. In addition, low energy 

consumption and fouling tendency are several outstanding advantages of FO. 

Furthermore, FO can be directly integrated with other membrane process to further 

enhance TrOCs removal and water production in post-combustion CO2 capture towards 

wastewater reclamation.  
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1.2 Objectives 

The overall objective of this study was to investigate the potential application of FO in 

different scenario for wastewater reclamation, and to provide fundamental insights for 

practical application of FO.  

Specific aims in pursuit of overall objective were to: 

1) Describe the systematic effect of feed/draw solution chemistry on FO 

performance including water flux, reverse salt flux and TrOCs rejection; 

2) Elucidate key TrOCs rejection mechanism and how they could be influenced by 

membrane fouling in FO; 

3) Provide a proof-of-concept of the feasibility of FO for simultaneously providing 

of make-up water from wastewater and cooling as the trim cooler replacement for 

post-combustion CO2 capture.  

4) Demonstrate a hybrid DCMD-FO system for the repetitive CO2 capture.   

1.3 Research Questions 

Along with these specific aims, this thesis was able to answer several key research 

questions as below: 

1) How did organic foulant composition influence the membrane surface properties 

and therefore membrane fouling?  

2) Whether membrane fouling would enhance or exacerbate the TrOCs rejection?  

3) How did membrane orientation and temperature gradient affect the cooling 

performance of FO?  

4) Was there any significant membrane wetting during the CO2 desorption? How 

were their impact on the water production in DCMD?     

1.4 Organization  

This thesis contains seven chapters and include two major research topics (Figure 1-1). 

Chapter 2 offers a critical literature review of current studies related to fouling impact on 

FO performance, particularly TrOCs rejection. The first research topic aims to elucidate 

the draw/feed solution chemistry on FO performance (i.e. Chapter 3 - 4). Chapter 3 

characterizes three specific organic foulants’ influences on FO performance to better 

understand the importance of feed chemistry. Based on findings in Chapter 3, Chapter 4 
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systematically investigates the interplay between feed and draw solution chemistry on FO 

performance. Associated impact on TrOCs rejection mechanism is highlighted in Chapter 

4. The target of second research topic is to demonstrate the proof-of-concept of the 

feasibility of FO as the trim cooler replacement for post-combustion CO2 capture (i.e. 

Chapter 5 - 6). Chapter 5 firstly illuminate an innovative FO application to meet dual 

purposes including desalination and cooling. Furthermore, Chapter 6 proposes a hybrid 

FO-based process for sustainable CO2 capture via wastewater and waste heat. The 

conclusion and recommendations for future work are presented in Chapter 7.
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Chapter 2 Literature Review 

2.1 Introduction  

Using osmotic pressure as the driving force for water transportation across the semi-

permeable membrane, FO has the potential for several new separation applications. 

Compared to hydraulic pressure-driven membrane processes, FO is less susceptible to 

fouling and requires significantly less energy, particularly when draw solution 

regeneration is not required [22, 23]. As a novel membrane process, FO has been 

investigated for the treatment of challenging wastewater [24] and a range of innovative 

applications including resource recovery [25, 26] , hypersaline desalination [27, 28], and 

sludge thickening [29, 30]. 

The ubiquitous occurrence of TrOCs in municipal wastewater has been a topic of major 

scientific and public concern in the past decade [3]. These TrOCs negatively affect human 

health and the ecosystem even at a very low concentration. Some of them are specifically 

designed to be persistent in the environment [31]. Membrane processes, such as NF [32], 

RO [33], membrane distillation [34], membrane bioreactor [35]  and FO [36-39] have 

been widely explored for removing TrOCs from wastewater.  

Given the similarity in membrane structure between FO and NF/RO, recent research has 

shown that TrOCs rejection by FO may also be governed by the steric hindrance, 

hydrophobic adsorption and electrostatic interaction [40]. Thus, physiochemical 

properties of TrOCs, membrane properties and membrane fouling have been reported to 

play significant roles in governing TrOCs rejection by FO [41, 42]. 

Wastewater reclamation presents another opportunity for post-combustion CO2 capture 

in the context of the carbon-wastewater nexus. Interestingly, FO can also potentially act 

as a trim cooler in post-combustion CO2 capture. Due to its high osmotic pressure, amine 

solvent can be used as the draw solution to extract clean water from wastewater, which 

can meet the simultaneous cooling and make-up water provision targets. However, this 

proof-of-concept still remains a challenge to optimize its process for sustainable CO2 

capture.  

This chapter critically reviews current applications of FO for TrOCs rejection and cooling 

in post-combustion CO2 capture. After briefly introducing the water and solute 
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transporting phenomena in FO, the review provides the current state of knowledge on 

formation of different fouling as well as their associated effect on TrOCs rejection. In 

addition, current studies about effect of draw solution chemistry on FO performance are 

also discussed. On the other hand, the review also discusses the potential opportunities 

and challenge for FO as the alternative cooler replacement in post-combustion CO2 

capture. In the end, several concluding remarks are given to strengthen FO practical 

application for wastewater reclamation.   

2.2 Transport phenomena in FO 

2.2.1 Water permeation and solute transport  

Water permeation is driven by osmotic pressure (∆π) in FO. In contrast, hydraulic 

pressure provides the driving force in RO. Water permeation in FO and RO is generally 

described as below: 

( )wJ A P     (2-1) 

where Jw represents the water flux, A denotes the pure water permeability of the 

membrane, � is the reflection coefficient, and ∆P represents the applied pressure [43]. ∆P 

is larger than ∆π in RO, whereas no applied pressure is applied in FO. The diagram of 

water permeation in FO and RO is illustrated in Figure 2-1. The water flux magnitude is 

illustrated in Figure 2-2 [44].  

 

Figure 2-1: A diagram of water permeation in (a) FO and (b) RO 
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Figure 2-2: Direction and magnitude of water flux as a function of applied pressure in FO 

and RO (from [44]). 

The reverse solute flux (Js) through membranes is generally described by using Fick’s 

law 

sJ B c   (2-2) 

where B denotes solute permeability coefficient of the membrane and ∆c is concentration 

gap among the two sides of membrane [45]. However, the bidirectional diffusion between 

feed and draw solution is intrinsic in FO. Besides equation 2-2, we can use specific 

reverse solute flux (Js/Jw) to describe reverse solute diffusion [46, 47]. By combining 

equation 2-1 and 2-2 and relating ∆π to ∆c with van’t Hoff equation, Js/Jw can be 

calculated by the following equation 2-3: 

(1 )s

w g w

J B A P

J A R T J


    (2-3) 

where β is the van’t Hoff coefficient, A is the water permeability constant of the 

membrane, Rg is the gas constant and T is recorded from the absolute temperature.  

2.2.2 External concentration polarisation  

External concentration polarisation (ECP) exists close to the membrane surface. They can 

be divided into another two sub-categories: dilutive and concentrative. On the feed side, 

solutes are concentrated at the membrane surface, which refer to as the concentrative ECP. 
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On the contrary, draw solutes are diluted at the surface, which refer to as the dilutive ECP 

[47].  Figure 2-3 presents concentration polarisation types in both membrane orientations. 

The impact of both concentrative ECP and dilutive ECP can be constrained by flow 

optimization and spacer placement.  

 

Figure 2-3: Concentration profile across the membrane because of ICP and ECP in (a) 

AL-FS orientation and (b) AL-DS orientation (adapted from [47]).  

2.2.3 Internal concentration polarisation  

Internal concentration polarisation (ICP) generally occurs in the porous support layer of 

membrane. In the active layer facing feed solution (AL-FS) orientation, the draw solutes 

are diluted inside the support layer as water permeating through porous support layer, 

which refer to as the dilutive ICP. Concentrative ECP takes place on the dense separation 

layer at the same time [48]. In the active layer facing draw solution (AL-DS) orientation, 

solutes are concentrated inside the support layer, which refer to the concentrative ICP. 

Both ICP and membrane fouling attribute to hinder water transportation in FO [48].  

2.3 Types of membrane fouling in FO  

Water permeation in FO is greatly influenced by different membrane fouling, which is 

similar to other membrane processes. Fouling in FO can be categorized into four major 

groups namely organic fouling, colloidal fouling, scaling, and biofouling (Figure 2-4) 
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[49]. The characteristics of each membrane fouling were summarized in the Table 2-1. 

Complex membrane fouling formation in FO is determined by a combination of several 

factors, such as hydrodynamics of operating condition, membrane and foulant 

characteristics, feed/draw solution chemistry, and membrane orientation [10, 50-52].  

 

Figure 2-4: Four types of fouling during the membrane treatment (adapted from [53]). 

Table 2-1 Characteristics of each membrane fouling  

Types of 
fouling 

Foulant Composition Size and shape Reference 

Organic fouling Humic acid Humic 
substance 

A few kDa to a few 
hundred kDa 

Tang et 
al., [54] 

Alginate Polysaccharides 12-80 KDa Lee et a 
l., [10] 

Colloids fouling Silica Inorganic 
colloids 

Round Boo et 
al., [52] 

Scaling Calcium 
carbonate 

Inorganic 
scales 

Rhombohedral or 
spherical 

Antony et 
al., [55] 

Calcium 
phosphate 

Inorganic 
scales 

Amorphous Antony et 
al., [55] 

Biofouling E.coli, Bacteria Rod-shaped Liu et al., 
[56] 

Pseudomonas 
aeruginosa 

Fungi Brush-like and 
flask-shaped 

Yoon et 
al., [57] 
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2.3.1 Organic fouling  

Natural macromolecular organic matters, such as alginate and protein normally result in 

the organic fouling (Figure 2-5) [49, 58]. The compactness and the thickness of the 

fouling layer are detrimental for the flux behavior during treatment [10]. Both of the 

physical (i.e. membrane orientation, membrane property, temperature) and chemical (i.e. 

Ca2+) conditions affect the formation of the organic fouling [59].  

First of all, severity of organic fouling is determined by the membrane orientation. Zhao 

et al., [60] showed that organic fouling caused by bovine serum albumin  was more severe 

in the AL-DS orientation than that in the AL-FS orientation. It was estimated that 

accumulation and deposition of organic foulant in porous layer caused more severe water 

flux decline. Similarly, Tang et al., [54] also observed that fouling caused by humic acid 

in AL-DS orientation was more severe than that in AL-FS orientation. In AL-DS 

orientation, precipitated humic substances resulted in an internal clogging of support layer, 

thus for severe flux decline. On the other hand, Jin et al., [61] illustrated that organic 

fouling formation in different orientation due to different mechanism. In AL-FS 

orientation, the organic fouling was related to the cake layer formation. However, the 

organic fouling was attributed to the pore clogging in AL-DS orientation. Of a particular 

note, AL-FS orientation presented a stronger fouling resistance than that in AL-DS 

orientation.  

Furthermore, organic fouling could lead to the cake-enhanced osmotic pressure (CEOP) 

in FO [10, 58]. Lee et al., [10] observed that the formation of CEOP in FO contributed to 

the severe flux decline. It was estimated that CEOP resulted in an increase of osmotic 

pressure near the feed side, therefore flux decline. In addition, the presence of Ca2+ 

enhanced CEOP via bridging Ca2+ with organic foulant.  

Membrane surface also influences organic fouling formation. Mi and Elimelech [51] 

demonstrated that thin film composite (TFC) membrane could potentially attract 

excessive alginate molecules than cellulose acetate (CA) membrane due to a more rough 

or heterogeneous surface. TFC membrane had more adhesive sites than CA membrane, 

which led to easier long-range attraction like the formation of calcium-bridged alginate 

molecules. Another study of Mi and Elimelech [50] also indicated that membrane surface 

morphology resulted in different calcium binding and hydrodynamic shear force, which 

therefore influenced the fouling layer formation on the membrane surface.  
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It was revealed that Ca2+ in feed solution could boost organic fouling formation. Parida 

and Ng [58] noted that Ca2+ addition significantly impeded the water permeation in AL-

DS orientation because of the binding effects between Ca2+ and foulants in the porous 

layer. On the contrary, the inclusion of Ca2+ had a negligible impact on the water 

permeation in AL-FS orientation. Mosta et al., [62] confirmed that the size of aggregate 

increased as the concentration of Ca2+ increased, which resulted in the severe flux decline 

in AL-DS configuration. Besides, Kim et al., [63] also concluded that the extent of 

organic fouling was as a function of Ca2+ concentration. It was likely due to the abundant 

Ca2+ prone to cross link with alginate molecules and precipitate on the membrane surface 

[50, 51]. 

 

Figure 2-5: Scanning Electron Microscope (SEM) images of organic fouling on FO 

membrane (a-b) (adapted from [58]). 

2.3.2 Colloidal fouling  

Due to its infinitesimal size and wide existence in wastewater, colloids have caused severe 

fouling in pressure-driven membrane process [64]. Sharing the similar membrane 

structure, FO can be also influenced by colloidal fouling (Figure 2-6). Lee et al., [10] 

demonstrated that colloidal fouling layer formation was strongly decided by colloidal 

particle size. Compared to the larger particle, small one was prone to diffuse than 

precipitate, which formed a thinner fouling layer. The impact of CEOP was negligible in 

this condition. Large particles formed a thick fouling layer that easily impeded water 

permeation [65]. Boo et al., [52] confirmed that big size particles were hard to transport 

through membrane, thus resulting in a thick fouling layer. They also highlighted that the 

increment of CEOP caused by the colloidal fouling other than fouling layer resistance 

was the main reason for flux decline in FO.  

(a) (b) 
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The presence of organic fouling may exacerbate colloidal fouling, interfering FO 

performance. Kim et al., [63] observed that the impact of co-existence of two foulants on 

flux decline was larger than their individual presence. Their results demonstrated that the 

applied pressure boosted to form a compact fouling layer. Furthermore, presence of Ca2+ 

significantly deteriorated both organic and colloidal fouling [64, 66, 67]. On the contrary, 

the findings of Motsa et al., [68] revealed that the flux decline caused by either combined 

foulant or individual foulant was similar. Membrane orientation compromised the 

synergistic impact from two foulants. On the other hand, in the aspect of surface free 

energy, alginate other than colloidal silica played a dominant role in fouling formation 

due to a stronger adhesion. 

 

Figure 2-6: SEM images of FO membrane surface fouled with: (a) ST-ZL colloidal silica, 

(b) alginate and their mixture (c, d) (adapted from [68]). 

2.3.3 Scaling  

Scaling normally consists of oversaturated solutes, such as barium sulfate, calcium sulfate 

and calcium carbonates [69]. These oversaturated solutes precipitate onto membrane 

surface, resulting in a severe membrane flux decline. Scaling in FO membrane are shown 

in the Figure 2-7.  
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Figure 2-7: SEM images of scaling on different location of FO membrane: (a) surface of 

support layer, (b) cross-section of membrane and (c) enlarged cross-sectional membrane 

(adapted from [70]). 

Scaling formation is decided by several factors (i.e. membrane property and membrane 

orientation). The results of Mi and Elimelech [69] indicated that membrane surface had a 

significant impact on the formation of scaling. Gypsum scaling was likely to precipitate 

on TFC membrane because of the negatively charged surface caused by carboxyl 

functional groups [71]. These functional groups were prone to form complexes with Ca2+ 

on the membrane surface. In contrast, gypsum scaling was more likely to get 

crystallization in the solution other than membrane surface because of the neutral 

hydroxyls surface of CA membrane. As a result, the structure of scaling on CA membrane 

was much looser than that on TFC membrane due to the less calcium precipitation. 

Two types of mechanisms are further illustrated in Figure 2-8. Mi and Elimelech [67]  

identified that silica scaling formation on CA and TFC membranes were different from 

the gypsum scaling. Silica scaling on the membrane surface was closely related to foulant-

foulant reaction rather than membrane-foulant reaction. It was anticipated that reactive 

silica firstly reacted with hydroxyl groups on CA membrane or –COO-/-NH3
+ functional 

groups on TFC membrane. Silica deposition on the membrane surface was formed after 

first foulant-membrane reaction. Foulant-membrane reaction was then connected by Si-

O-C bonds, which was less stronger than foulant-foulant reaction connected by Si-O-Si 

bonds [72]. Silica scaling layer on TFC membrane was much strongly bonded than that 

on CA membrane, which was in accord with the gypsum scaling on these two membranes.  

(c) 

(b) (a) (c) 
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Figure 2-8. Schematic description of the proposed mechanisms controlling gypsum 

scaling on different membranes (adapted from [69]). 

The effect of membrane surface on gypsum scaling was further investigated by Wang et 

al., [73]. Compared to the cellulose triacetate (CTA) membrane, scaling and membrane 

damage were prone to occur on TFC membrane. The reason of membrane damage could 

be attributed to the surface chemistry and structural stability of TFC membrane. 

The mechanism of scaling formation in FO might be different depends on the membrane 

orientation. Arkhangelsky et al., [70] suggested that the scaling was prone to occur in the 

AL-DS membrane orientation. Either precipitation of crystals or penetration of crystals 

inside membrane supporting layer resulted in the pore blocking. In addition, the super-

saturation index, ionic strength and anti-scaling addition affected the extent of gypsum 

scaling in FO. Zhang et al., [74] observed that greater surface coverage by large size of 

gypsum crystals occurred on the FO membrane with higher super-saturation index value 

of feed solution. In the AL-DS orientation, the unfavorable scaling precursors inside the 

support layer of FO membrane resulted in the internal scaling, which led to a more severe 

flux decline than that in AL-FS orientation.   

2.3.4 Biofouling  

Besides above three fouling types, biofouling is another common fouling type in the 

engineering application. Biofouling causes an irreversible decrease in the permeate flux 

and salt rejection because of the accumulation of microorganism on the membrane surface. 

Yoon et al., [57] compared the biofouling characteristics in FO and RO in a lab-scale 

system. Flux decline in FO process was less severe than that in RO process, which was 

consistent with results from other fouling [75]. The biofouling layer in RO was much 

thicker than that in FO due to the applied hydraulic pressure. In addition, the presence of 
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organic matter with bacteria led to a more flux decline compared to that without bacteria. 

The characteristics of the biofouling formation appeared to have a mature biofilm, which 

was hard to be removed. 

It has been demonstrated that a biofouling formation is related to the concentration of 

phosphate. Kim et al., [76] suggested the extent of biofouling in FO process was related 

to phosphate limitation in feed solution. They observed that the phosphate concentration 

determined the growth of biofilm formation by feeding live cells. Furthermore, limitation 

of phosphate concentration reduced the biofouling regardless of water permeation 

through the membrane. Since the combined effects of CEOP and biofilm-enhanced 

osmotic pressure (BEOP) could greatly deteriorate membrane performance, the removal 

of phosphate in feed water could significantly reduce the biofouling and alleviate BEOP 

[77].  

In addition, spacer thickness can affect the formation of biofouling in FO. Valladres 

Linares et al., [78] observed that a thicker spacer performed better than a thin spacer in 

terms of biofouling control. Flux decline can be reduced when they used a thicker spacer. 

Spacer thickness had the negligible impact on the accumulated bacteria and organic 

fouling. But the biofilm was prone to occur under the thick spacer in same crossflow 

velocity. Their results seemed to be consistent with other research which demonstrated 

that the dominant factor of biofouling interfering flux decline was the resistance of 

bacterial cells whereas the resistance because of exopolymeric substances, mainly 

composed of biopolymers and protein-like substances [57]. 

Ca2+ plays an important role in both organic fouling and biofouling. Xie et al., [79] have 

illustrated the role of reverse Ca2+ diffusion in FO. Reverse Ca2+ diffusion indicated a 

higher biofouling incidence compared to the reverse Mg2+ diffusion. Ca2+ in solution 

preferred to connect carboxyl groups of polysaccharides to form a highly inter-connected 

network, resulting in a more stable and cohesive biofilm structure. These results were in 

good agreement with those reported by Lee and Elimelech [80], which demonstrated that 

considerable difference in terms of adhesion forces to the specific interaction between 

Ca2+ with the carboxylic groups of alginate and a cross-linked gel network. In addition, 

the ion complexation and bridging of extracellular polymeric substances also resulted in 

a thicker biofilm in comparison with Mg2+. 
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2.4 Removal of TrOCs by FO 

2.4.1 Threats from TrOCs  

TrOCs refers to the expanding array of organic chemicals (pharmaceuticals, pesticides, 

industrial chemicals and endocrine disrupting compounds) existing in the environment at 

the trace levels (in the ng/L to μg/L range). These chemicals are generated from different 

point and are diffused into aquatic environment via the different path. Although these 

chemicals are at the low concentration, they may trigger non-traditional toxicological 

effects on the complex ecosystem. For example, the toxic potential of endocrine 

disrupting compounds was testified by using the contaminated fish [81]. These fishes 

showed abnormal hormone activities such as physiological and anatomical aberrations 

that were attributed to the endocrine disrupting compounds. Moreover, some of these 

aberrations had negative impacts on reproductive success. In addition to the adverse 

effects of continuous discharge of TrOCs on ecosystem, the quality of raw water for 

human consumption may be affected as well. Therefore, to date, the public awareness of 

these issues related with hazard of TrOCs keeps increasing, especially when human 

exposure is possible. Wastewater treatment plant appears to be an important section for 

removing these TrOCs prior to discharging into ecosystem. However, the increasing 

chemical consumption associated with rapid urbanization development continuously 

challenges the TrOCs removal in the conventional wastewater treatment plant. Thus, 

discharge of treated effluent from wastewater treatment plant presents to be the major 

source of TrOCs. 

Several advanced approaches like ultrafiltration [82], RO [83], and NF [84] have been 

applied to enhance TrOCs removal in treated effluent. Although the results indicated that 

these treatments offer efficient removal of TrOCs, new treatment is still required to 

develop for effective protection for potable water. Since utilizing osmotic pressure as the 

driving force, FO has demonstrated the low energy consumption and less fouling 

tendency compared to above hydraulic pressure driven membrane process. In addition to 

the similar structure of selective layer in RO, FO attracts enormous attention in TrOCs 

removal [85-87]. Nevertheless, fouling is still an inevitable impede in FO for water 

permeation via affecting membrane property. Besides, the thickness and compactness of 

fouling in FO and RO were reported significantly different due to their corresponding 

driving force [51]. As a result, their filtration behaviors were influenced by the variation 
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of membrane fouling [88]. It is imperative to study effect of fouling on TrOCs removal 

in FO.     

2.4.2 Impact of membrane fouling on TrOCs removal in FO 

Previous studies have proposed three main rejection mechanisms for TrOCs removal in 

NF and RO [6, 89]. They are steric hindrance (namely TrOCs rejection increase as their 

molecular size increase), electrostatic interaction (relationship between charged 

compounds and negatively charged membrane), and adsorption (largely depend on 

compound hydrophobicity). As previous described, FO shares the similar structure of 

selective layer with NF and RO, three mechanisms are therefore estimated to be the major 

TrOCs rejection mechanisms. However, membrane fouling induced the change on 

membrane property including surface charge and hydrophobicity. It was suggested that 

rejection of TrOCs correlated well to degree of membrane fouling and change of 

membrane surface characteristics. 

Organic fouling layer consists of carboxylic radicals and hydroxyl functional groups 

could change membrane surface charge. Valladares Linares et al., [90] observed that 

organic acids and polysaccharides from effluent of treatment plant mainly contributed to 

organic fouling on membrane. Fouled membrane surface became more negatively 

charged. Rejection of negatively charged TrOCs by fouled membrane was therefore 

higher than clean one due to the increasing electrostatic repulsion. Xie et al., [41] also 

observed that increasing rejection of negatively charged TrOCs was due to the enhanced 

electrostatic repulsion caused by interaction between membrane surface and humic acid 

organic foulants. However, effect of fouling on the rejection for positively charged 

compounds is still incomplete understood. It is also suggested to conduct the investigation 

related with rejection mechanism of positively charged TrOCs by fouled membrane. 

Organic fouling can not only influence electrostatic interaction but also affect steric 

hindrance by changing membrane pore size. It was reported that the fouling accumulated 

on the membrane surface could minimize the pore size of membrane, thus enhancing the 

effect of steric hindrance on neutral compounds [91]. Xie et al., [41] observed that fouling 

layer caused by humic acid resulted in the decreasing permeation of neutral TrOCs. The 

hypothesized organic fouling extended a hydration layer of membrane to shrink the 

effective membrane pore size, thus, for the neutral compound growing rejection. However, 

fouling layer in FO is a considerable porous structure, which therefore leads to the cake-
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enhanced concentration polarisation and elevated concentration of TrOCs, enhancing 

TrOCs diffusion consequently [92].  

It is also interesting to note that fouling structure is largely determined by the initial 

permeate flux, resulting in a variation in TrOCs rejection. A porous cake structure caused 

by the low initial permeate flux improved the steric hindrance through pore blockage. On 

the contrary, a cohesive dense fouling layer caused by the high initial permeate flux 

whereas reduced TrOCs rejection due to the cake-enhanced concentration polarization 

[42]. Similar observations based on the compact fouling in NF showed that cake-

enhanced concentration polarisation resulted in a noticeable decline of rejection for 

ibuprofen, carbamazepine, sulfamethoxazole and bisphenol A [89, 93]. 

Adsorption is one of three proposed rejection mechanisms as well. The relationship 

between hydrophobicity of TrOCs and foulants had a significant impact on compound 

rejection. Valladres Linares et al., [90] observed the hydrophobicity of the fouled 

membrane decreased, thus hindering the diffusion of hydrophilic neutral TrOCs. For 

example, the rejection of caffeine increased 15% by fouled membrane due to the 

formation of hydrophobic fouling layer. These results were consistent with the study that 

indicated membrane swelling decreased the rejection of the hydrophilic neutral TrOCs 

[94]. Besides, cake-enhanced concentration polarisation also decreased the rejection of 

hydrophobic neutral TrOCs [95]. Different TrOCs rejection mechanism hypothesis 

related with compound hydrophobicity is illustrated in Figure 2-9. 
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Figure 2-9: Different hypothesis about rejection of TrOCs by cleaned and fouled 

membrane. (a) and (b) for the hydrophilic neutral TrOCs; (c) and (d) for the hydrophobic 

neutral TrOCs; (e) and (f) for the hydrophilic negatively charged TrOCs (adapted from 

[90]).
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2.4.3 Impact of draw solution chemistry on TrOCs removal in FO 

Table 2-2: Effect of draw solution chemistry on FO performance.  

Compounds Membrane Draw solution Investigating parameters Effects References  
Bisphenol A 
Triclosan 
Diclofenac 

CTA NaCl 
MgSO4 
Glucose 

Species Reverse diffusion of Na+ was larger 
than that of Mg2+ and glucose, which 
enhanced the TrOCs rejection   

Xie et al., [88]  

Boron TFC NaCl 
CaCl2 
LaCl3 

pH and species 
 

pH had a negligible impact on boron 
transportation;  
Reverse of Na+ greatly hindered the 
boron solute flux than other two ions; 

Kim et al., [96]  

Atenolol 
Atrazine 
Caffeine 

CTA Mono-ammonium 
phosphate  
Di-ammonium 
phosphate  
KCl 
 

Species and concentration 
 

Di-ammonium phosphate showed the 
highest TrOCs rejection whereas 
lowest water flux due to the lowest 
concentrative ECP; 
High draw concentration reduced 
TrOCs rejection due to the enhanced 
concentrative ECP; 

Kim et al., [97]  

Boron TFC NaCl 
Na2CO3 

pH and species 
 

pH increase enhanced boron rejection 
due to the stronger electrostatic 
repulsion in AL-FS orientation; 
Na2CO3 showed a better boron 
rejection than NaCl because of larger 
back diffusion of OH- 

Wang et al., [98] 

9 TrOCs TFC 
CTA 

NaCl 
MgCl2 

Species and concentration 
 

Mg2+ showed a lower negatively 
charged TrOCs rejection than Na+ due 
to the weaker electrostatic interaction; 

Sauchelli et al., 
[37]  
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High concentration reduced 
electrostatic interaction, therefore 
diminishing negatively charged 
TrOCs rejection 

30 TrOCs Aquaporin  NaCl 
MgSO4 
Glucose 

Species and concentration 
 

TrOCs rejection increased as a 
function of concentration; 
Reverse diffusion of Na+ was larger 
than that of Mg2+ and glucose, which 
enhanced the ionic TrOCs rejection   

Xie et al., [36] 
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Previous studies have extensively investigated the feed solution chemistry (i.e. fouling) 

on TrOCs removal in FO. As discussed in section 2.2.1, unlike the NF/RO process in 

which solute and solvent transport can only occur in one direction from the feed to the 

permeate side, solute transport in FO is bidirectional. In the FO process, as water is 

transported from the feed to the draw solution under an osmotic gradient, due to 

engineering defects, some substances (e.g. draw solutes, protons or hydroxyl ions) can 

also be transported in the opposite direction from the draw to the feed solution. This 

phenomenon is often referred to as ‘reverse salt flux’.  

Reverse salt flux and draw solution chemistry are important factors governing FO 

performance (in terms of solute rejection and water flux) but to date they have been 

largely overlooked in the literature. Indeed, several recent studies have highlighted the 

significance of draw solution chemistry on solute rejection by FO (Table 2-2). Wang et 

al., [98] demonstrated a significant increase in boron rejection by FO when using an 

alkaline draw solution. They ascribed the observed increase in boron rejection to the 

interaction between their draw and feed solutions whereby there was an increase in 

hydroxyl ions near the membrane surface on the feed side. This lead to the protonation of 

boric acid and subsequently increase of boric acid rejection by charge repulsion [98]. Xie 

et al., [88] observed that the extent of forward diffusion of TrOCs was related to the 

reverse diffusion of draw solutes. They reported that the highest rejection occurred with 

highest reverse diffusion of draw solutes [88]. On the contrary, Sauchelli et al., [37] 

observed that TrOCs permeation was only affected by the reverse salt flux at high draw 

solution concentration. Considerable back diffusion of draw solute penetrated through the 

membrane to influence electrostatic interaction between charged compounds and 

negatively charged membrane surface.  

2.5 Innovative FO application in post-combustion CO2 capture 

2.5.1 Water usage in amine-based solvent absorption  

Post-combustion CO2 capture can be readily retrofitted to existing power plants. Thus, 

this technology has become possibly the most studied technology for CO2 sequestration 

[99]. Several types of approaches including chemical absorption [100-102], adsorption 

[103], membrane separation [104], and cryogenic fractionation [105] have been proposed 

and investigated. Of a particular note, chemical absorption is considered as the most-
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likely dominant technology to be implemented for the commercial-scale CO2 capture 

from coal-fired power station before 2030 [17]. In fact, this method has been 

demonstrated in two commercial scale post-combustion CO2 capture plants in Boundary 

Dam [106] and Petra Nova [107].  

The amine-based chemical absorption process is briefly described in the Figure 2-10. 

Exhaust flue gas containing 12-14% CO2 is fed to the absorption column. Chemical 

adsorbents such as MEA [108, 109], amino acid (i.e. glycine) [102], ionic liquid-based 

solvent [110], and ammonia-based solvent [111] in the absorption column can react with 

75-90% of CO2 to purify the exhaust gas at 30-50 °C. The terms CO2 lean and rich 

solution are referred to solutions before and after CO2 absorption, respectively. Due to 

the thermally reversible reaction between CO2 and chemicals, CO2 can be released by 

heating at a reduced pressure. The CO2 rich solution is transferred to the desorption 

column to obtain pure CO2 product. On the other hand, the heated CO2 lean solution is 

cooled down by a trim cooler for re-absorbing CO2.  

Cooling and make-up water provision in amine-based solvent absorption increase water 

demand of existing power station. There are two types of water cooling system depends 

on the water circulation loop. The first one is once-through cooling system (open loop), 

which directly discharge the warm cooling water to nearby lake or river after heat transfer 

from regenerated CO2 lean-loaded solution. The second cooling system is wet 

recirculating system conducted in a cooling tower. Temperature decrease of regenerated 

CO2 lean-loaded solution is realised by heat transfer via water evaporation. Water loss 

after evaporation can be made up by withdrawing water from nearby freshwater bodies 

(e.g. lake or river). The water consumption in once-through system can be as two orders 

of magnitude higher than that in recirculating system [112]. On the other hand, it is 

necessary to reduce flue gas temperature for effective CO2 capture, which needs the 

implement of evaporative cooling and suitable water quality.  

Specifically, make-up water is greatly required in water wash section at the head of 

absorption column, where fresh water is required to constrain amine concentration in the 

washing loop. Due to the impurity in flue gas, the condensed water after regeneration 

process failed to be reused directly for make-up water without purification process. In 

Australia, flue gas without desulphurization results in additional cooling water demand 

to satisfy the requirement of retrofit CO2 capture [113].  
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Figure 2-10. A schematic diagram of chemical absorption process in post-combustion 

CO2 capture (adapted from Feron et al., [113]). 

2.5.2 Make-up water production by FO 

FO has been explored for several novel applications including sludge dewatering [30], 

resource recovery from wastewater [114], food processing [115] and produced water 

treatment for the oil and gas industry [27]. Feron et al., [113] have recently proposed to 

replace the trim cooler by FO in post combustion CO2 capture (Figure 2-11). Due to the 

osmotic gradient, water transfer was observed from simulated seawater to three CO2 

absorption solvents (glycine, sodium glycinate, and MEA) at 45 °C. Feron et al., [113] 

demonstrated that sodium glycinate could generate the highest water flux. However, 

further experiments were needed to validate the replacement by FO based on their current 

heat transfer simulation results. Gwak et al., [116] have conducted a number of 

investigations into high saline water or flue gas desulfurization wastewater as the cooling 

source (feed solution) when 5 M rich MEA was used as draw solution. Potential of 

replacement by FO was also testified by the observed water fluxes varied from 8-20 

L/m2h as salinity of feed solution decreased. In addition, the fouled membrane could be 

readily cleaned despite of the high scaling potential. However, little is still known about 

the feasibility for the replacement of a trim cooler by FO.  
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Figure 2-11: Replacement of the trim cooler by forward osmosis in post-combustion CO2 

capture. 

2.6 Conclusion 

This chapter provides some perspectives of innovative FO application on TrOCs removal 

and cooling for amine-based solvent absorption in the context of wastewater reclamation. 

Due to its bidirectional solute transport, chemistry of draw solution may affect feed 

solution chemistry and therefore FO performance. In accordance with this proposal, 

investigation of feed chemistry (i.e. membrane fouling) can provide a state-of-the-art 

understanding on TrOCs rejection in FO. For example, fouling cake layer results in either 

increasing rejection for neutral compound caused by enhanced steric hindrance or 

decreasing rejection caused by cake-enhanced concentration polarization. In addition, 

systematic investigation on draw solution chemistry is recommended for development 

and deployment of FO-based hybrid system for practical wastewater reclamation. 

Furthermore, a proof-of-concept about using FO as an alternative cooler using wastewater 

in post-combustion CO2 capture is highlighted in this chapter. Based on the limited 

findings related to this study, further development of the practical aspects of this concept 

via FO-based hybrid system is recommended. Techno-economic assessments regarding 

energy consumption of this concept should be evaluated to address the likely advantages 

than current technologies. Developments of FO membrane material and draw solution are 

expected to enhance FO separation performance towards wastewater reclamation.   
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Chapter 3 Effects of fouling on separation performance by 

forward osmosis: the role of specific organic foulants 

This thesis chapter has been published as the following journal article. 

L. Zheng, W.E. Price, and L.D. Nghiem, Effects of fouling on separation by forward 

osmosis: the role of specific organic foulants. Environmental Science and Pollution 

Research, 26 (2019), 33758-33769.  

 

3.1 Introduction 

Although several researchers have demonstrated that FO has a much lower fouling 

propensity compared to the pressure driven membrane treatments [10, 88], any fouling 

layer formed can still potentially affect the rejection behavior of TrOCs. Organic matter 

including biopolymers, humic substances and other small molecular weight organic 

compounds are major sources of foulants during the FO process. Biopolymer, such as 

sodium alginate is made up of repeating manuronic and guluronic acids. Humic 

substances are a mixture of heterogeneous recalcitrant macro-organic compounds that 

occur naturally in the environment. 

Rejection of target contaminants, water flux and reverse salt flux can all be affected by 

membrane fouling. However, to date, there have only been a few investigations to 

elucidate the effect of membrane fouling during FO operation on the performance 

particularly for TrOCs rejection. The impacts of fouling on TrOCs rejection can be 

attributed to several mechanisms. Valladares Linares et al., [90] found that membrane 

fouling caused by natural organic matter in wastewater enhanced the rejection of ionic 

and neutral TrOCs by altering membrane surface charge and hydrophobicity. Xie et al., 

[41, 42] have recently investigated the impact of colloidal fouling on the rejection of 

TrOCs. They hypothesized that the mechanism for the rejection of TrOCs by a humic 

acid fouled membrane was based on the membrane pore size and steric hindrance. In 

addition, combined fouling with organic and colloidal particles was the result of 

membrane pore blockage and thus enhanced steric hindrance effects. D’ Haese et al., [92] 

found that an alginate fouled membrane exhibited lower rejections for some TrOCs than 
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a clean membrane. This was thought to be possibly due to the cake enhanced 

concentration polarization arising from the cake layer formed by organic foulants.  

This chapter aims to investigate the effect of membrane fouling caused by specific organic 

foulants (humic substances, sodium alginate and municipal wastewater) on the rejection 

of two model TrOCs (i.e. sulfamethoxazole and carbamazepine) by a commercially 

available TFC FO membrane. These chemicals at trace level are persistent in the 

environment and have been frequently detected in the secondary treated effluents. Key 

membrane properties and the rejection behaviors of the clean and fouled membranes are 

assessed to systematically elucidate the mechanism of different foulants on the rejection 

of TrOCs. 

3.2 Materials and Methods 

3.2.1 Materials 

A flat-sheet TFC FO membrane purchased from Porifera (Hayward, CA, USA) used in 

this study. Similar to other TFC FO membranes in the market, it consists of an ultra-thin 

active polyamide skin layer on the top of a microporous polysulfone supporting layer. 

Municipal wastewater (primary effluent) was obtained from a wastewater treatment plant 

in New South Wales, Australia. Humic acid and sodium alginate from Sigma-Aldrich (St. 

Louis, MO, analytical grade) were selected as model foulants to represent humic 

substances and polysaccharides, respectively, since they commonly occur in municipal 

wastewater. Deionized (DI) water was used to prepare stock solutions containing 2 g/L 

of each model foulant. These stock solutions were stored in sterilized glass bottles at -

4 °C.  

Analytical grade sulfamethoxazole and carbamazepine from Sigma-Aldrich (St. Louis, 

MO, analytical grade) were selected as model TrOCs. Their key physicochemical 

properties are presented in the Table 3-1. A combined stock solution containing 2 g/L of 

each TrOCs was prepared in pure methanol which was kept at -18 °C in the dark and was 

used within one month. 

Analytical grade erythritol, xylose, and glucose (Sigma-Aldrich, St. Louis, MO) were 

used as reference organic solutes to estimate the effective pore size of membrane active 

layer. These organic solutes were individually dissolved in DI water to obtain a 

concentration of 40 mg/L (as total organic carbon (TOC)). 



29 

 

 

Table 3-1: Key physicochemical properties of sulfamethoxazole and carbamazepine. 

Pharmaceutical Sulfamethoxazole Carbamazepine 
Structure 

  
Molecular weight 

(Da) 
253.3 236.3 

pKa
1 1.7, 5.8 9.73 

Log Kow
1 0.89 2.45 

Dipole moment 
(Debye)2 

5.4 3.6 

Stokes radius (nm) 0.38 0.37 
Molecular length 

(nm)2 
1.031 0.891 

Molecular width 
(nm)2 

0.587 0.529 

Molecular depth (nm)2 0.526 0.507 

1 From the SciFinder Scholar (ACS) database. 2 Molecular dimensions and the dipole 

moment calculated using Molecular Modeling Pro Version 6.3.3 (Chem SW Inc.) 

3.3 Experimental systems 

A bench scale FO system was used in this study (Figure 3-1). A membrane cell consists 

of two acrylic plastic semi-cells with length, width and height of 10, 5, and 0.2 cm, 

respectively. The membrane was placed between the two semi-cells with an effective area 

of 44.65 cm2. Two gear pumps (Micropump, Vancouver, WA) were used to circulate the 

feed and draw solution simultaneously at a constant cross flow rate of 0.5 L/min 

(corresponding to a cross-flow velocity 8.9 cm/s) which was monitored by two rotameters. 

A draw solution reservoir was placed on a digital balance (Mettler-Toledo Inc., 

Hightstown, NJ) and weight change was recorded every 5 minutes by a data logger. A 

conductivity probe (Cole-Parmer, Vernon Hills, IL) was used to measure the conductivity 

of the draw solution. When the draw solution conductivity deviated from the set point by 

0.1 mS/cm, a small volume of concentrated draw solution (5 M NaCl) was automatically 

added into the draw solution reservoir using a peristaltic pump to maintain a constant 

draw solution concentration. The concentrated draw solution reservoir was also placed on 
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the same digital balance to avoid any interference caused by liquid transfer between the 

two reservoirs.  

 

Figure 3-1: The schematic diagram of the forward osmosis system. 

Water permeability (A value) and salt (NaCl) permeability (B value) were characterized 

according to the standard method previous described by Cath et al., [117]. This involves 

a cross-flow system consisting of a stainless steel cross flow membrane cell, a Hydra-

Cell pump (Wanner Engineering, Minneapolis, MN) and chiller (Neslab RTE7, Waltham, 

MA). The membrane cell had a flow channel with dimensions of length, width and height 

of 10, 4, and 0.2 cm, respectively. The effective membrane area was 40 cm2. The feed 

solution was pressurized into the membrane cell by pump. The cross-flow rate and the 

hydraulic pressure were controlled by a back-pressure regulator and a bypass valve, 

respectively. The temperature of feed solution was maintained at 20 ± 1 °C by the chiller 

equipped with a stainless steel heat exchanger. A digital flow meter (Optiflow, Palo Alto, 

CA) connected to a computer was used to record the permeate flux. 

3.4 Membrane characterisation  

3.4.1 Membrane active layer transport properties 

The pure water permeability coefficient (A value) and salt (NaCl) permeability 

coefficient (B value) of the membrane active layer were determined according to the 

standard protocol developed by Cath et al., [117]. DI water and NaCl solution (2 g/L) 

were used as feed solutions to determine the membrane A and B values, respectively. The 

membrane was first compacted for 2 h at the applied hydraulic pressure (∆P) 10 bar and 
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cross flow velocity of 25 cm/s to yield a stable water flux. The water flux values of DI 

water (JDI) and NaCl solution (JNaCl) were then determined. At the end of the filtration 

experiment, the feed and permeate samples were collected to measure the concentration 

of NaCl for calculating the observed rejection (R). The A and B values were calculated 

as follows: 
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where kf represents the mass transfer coefficient of the channel of the cross-flow 

membrane cell [117]. The mass transfer coefficient kf was calculated using the Sutzkover 

et al., [118].    
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where πb and πp are the feed and permeate osmotic pressures, which can be calculated by 

their corresponding salt concentrations based on van’t Hoff equation.  

3.4.2 Membrane support layer structural properties 

The membrane structure parameter, S, was experimentally obtained in the cross-flow FO 

setup as described above in FO mode (i.e. active layer facing feed solution). A NaCl draw 

solution (0.5 M) and DI water feed solution were used. The membrane S value was 

calculated using following equation [117]: 
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where Ds is the diffusivity of the draw solute, πD,b is the bulk osmotic pressure of the draw 

solution, and πF,m is the osmotic pressure at the membrane surface on the feed side.  

3.4.3 Determination of the membrane average pore radius 

The effective pore radius of membrane active layer was estimated by the three reference 

organic solutes previously described in section 3.2.1. These solutes are inert, neutral and 
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do not adsorb onto membrane. The experiments were conducted in the cross-flow RO 

setup as described in section 3.3. The membrane sample was compacted for 3 h at 10 bar. 

Subsequent experiments were conducted at 5, 6, 8, 10 and 12 bar with a cross-flow 

velocity of 25 cm/s. At each pressure value, the RO filtration system was operated for 1 

h before taking permeate and feed samples.  

In this model, the ratio of solute radius (rs) to the membrane pore radius (rp), ps rr /

is related to the distribution coefficient of hard-sphere particles (ϕ) when only steric 

interactions are considered: 

 2
1    (3-5) 

To obtain the real rejection of the reference organic solutes (Rr) from so-called sieving 

coefficient, Sa, the calculations below were applied: 
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where C0 and CL are the solute concentrations outside the pore entrance (i.e. on the 

membrane surface in the feed side) and pore exit (i.e. on the membrane surface in the 

permeate side), respectively; Kc is the hydrodynamic hindrance coefficient for the 

conviction; and Pe represents the membrane Peclet number, which can be defined as: 
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where Kd is the hydrodynamic hindrance coefficient diffusion; Jr denotes the radial 

average fluid velocity in a cylindrical membrane pore, which equals to the membrane 

volumetric permeate flux (Jv) divided by the effective porosity of the membrane active 

layer (εa); D is the Stokes-Einstein diffusion coefficient, la is the theoretical pore length 

(i.e. the thickness of the membrane active layer). Details on the calculations of Pe, Kc and 

Kd have been described elsewhere [119, 120].  

Using the film theory for concentration polarization, the relation between observed 

rejection of organic solutes (Ro) and the real rejection (Rr) can be represented via: 
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where the Ro is calculated based on the different concentrations of TOC between feed and 

permeate samples. 

The real rejection (Rr) of each reference organic solute was calculated from observed 

rejection (Ro) by considering concentration polarization effects using equation (3-8) and 

the mass transfer coefficient in equation (3-3). In the pore hindrance transport model, 

since cK and Pe/Jv are unlikely related to Rr, thus they can be determined by fitting the 

reference organic solute rejection data to the model using equation (3-7). The 

optimization procedures were conducted by the Excel (Solver, Microsoft). Furthermore, 

the parameters cK and Pe/Jv can be expressed as a sole function of the variable λ, which 

is the ratio of solute radius (rs) to membrane pore radius (rp). Therefore, the membrane 

average pore radius can be calculated from the variable λ. 

3.4.4 Membrane surface charge and hydrophobicity 

The membrane surface charge represented by zeta potential was analyzed by a SurPASS 

streaming current electrokinetic analyzer (Anton Paar GmbH, Graz, Austria). Based on 

the Fairbrother-Mastin method [121], the zeta potential was calculated from the measured 

streaming potential data. Membrane samples were mounted in the cell and to form a 

capillary flow channel. All streaming potential measurements were performed in a 

background electrolyte solution containing 10 mM KCl. The same electrolyte solution 

was used to rinse the cell through the channel thoroughly prior to automatic pH titration 

within HCl (1 M) or KOH (1 M). All measurements were conducted at room temperature 

(ca 25 °C).  

The membrane surface hydrophobicity was evaluated by contact angle measurement 

using a Rame-Hart Goniometer (Model 250, Rame-Hart, Netcong, NJ). Standard sessile 

drop method was used for analyzing contact angle. Membrane samples were air-dried in 

a desiccator before the analysis. Ten droplets of DI water were applied to each membrane 

sample and the mean values of contact angles on both sides of the droplet were evaluated. 
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3.5 Forward osmosis experiments 

NaCl solution (0.5 M) was used as the draw solution. The synthetic wastewater was 

prepared by adding either sodium alginate or humic acid to an electrolyte solution of 1 

mM CaCl2 to obtain 200 mg/L of each of these model organic foulant. The initial volumes 

of the feed and draw solution were 3 L and 0.25 L, respectively. All experiments were 

conducted in FO mode for 20 h. The synthetic feed solutions were adjusted to the same 

pH of municipal wastewater (pH 5.5) by adding a small volume of either 1 M HCl or 

NaOH. TrOCs were introduced into the feed solution to obtain 2 mg/L of each compound. 

It is noted that this concentration and the typical concentration of TrOCs in wastewater 

are too small to contribute to membrane fouling. Approximate 3 mL of feed and draw 

solution samples were collected at specific time intervals for analysis. The experiment 

was conducted in a temperature controlled room (25 ± 1 °C). 

Since the concentration of TrOCs in permeate during the experiment is diluted by the 

draw solution, a dilution factor is introduced to determine the permeate concentration: 
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where JN is the normalized flux; Jt is the water flux at time t; J0 is the initial water flux; 

DF is the dilution factor; ∆Vfeed,t is the volume of permeated feed solution during t hour; 

Mdraw,t is the weight of draw solution at time t; and Mdraw,0 is the weight of draw solution 

at initial time. Vdraw,t is the volume of draw solution at time t;  ρwater is the density of water. 

Thus, the rejection of TrOCs is calculated by the following equation: 
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The reverse flux of draw solute Jsalt is calculated by the mass balance calculation: 
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where C0 and Ct are the concentrations of the draw solute in the feed at initial time 0 and 

time t, respectively. Vfeed,0 and Vfeed,t are the volumes of the feed at initial time and time t, 

respectively. A is the effective membrane area. 

3.6 Analytical methods 

The concentrations of sulfamethoxazole and carbamazepine in the feed and draw solution 

were analyzed by an High-Performance Liquid Chromatography system (Shimadzu, 

Kyoto, Japan). The system was equipped with a Supelco Drug Discovery C18 column 

(with a diameter, length, and pore size of 4.6 mm, 150 mm and 5 μm, respectively) and a 

UV-Vis detector. The detection wavelength used was 280 nm. The mobile phase 

composed of acetonitrile and Milli-Q water buffered with 25 mM KH2PO4. Eluent A (80% 

acetonitrile + 20% buffer, V/V) and Eluent B (20% acetonitrile + 80% buffer) were 

delivered at 0.8 mL/min through the column in time-dependent gradient for 30 mins. The 

sample injection volume of 50 μL was used. The coefficient of determination (R2) of the 

calibration was above 0.99. The limit of quantification for both sulfamethoxazole and 

carbamazepine under these conditions was 10 μg/L.  

Conductivities of the feed and draw solutions were measured using an Orion 4-Star plus 

conductivity meter (Thermo Fisher Scientific, Waltham, MA). A VCSH TOC analyzer 

(Shimadzu, Kyoto, Japan) was used for TOC concentration measurement. 

Molecular weight distribution of each organic foulant was analyzed by Liquid 

Chromatography with Organic Carbon Detection (LC-OCD) (Model 8, DOC-Labor, 

Karlsruhe, Germany). The concentrations of dissolved organic carbon (DOC) of three 

samples were approximate 1 mg/L, which were analyzed by A VCSH TOC analyzer 

(Shimadzu, Kyoto, Japan). All samples were filtered through 0.45 μm filter paper prior 

to analysis. The physical description and method of LC-OCD analysis have been 

previously published by Huber et al. [122]. The customized software (ChromCALC, 

DOC-LABOR, Karlsruhe, Germany) was used to acquire data and process data. 
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3.7  Results and discussion 

3.7.1 Membrane transport parameters  

The separation performance of the FO process is dependent on the membrane transport 

parameters, including A, B, and S value. These transport parameters of the TFC FO 

membrane in this study were characterized and compared to those from commercially 

available membranes, such as CTA FO membranes (Table 3-2). CTA FO membrane is 

composed of a cellulose triacetate active layer with an embedded woven support layer. 

Results in Table 3-2 show that this TFC FO membrane has a significantly higher A value 

and slightly higher B value than the CTA membranes from Hydration Technology 

Innovations (HTI, Albany, OR). On the other hand, the TFC FO membrane in this study 

has lower performance parameters in terms of both A and B values compared to the TFC 

FO membrane from HTI. In addition, the TFC FO membrane in this study has a lower S 

value than the other commercial membranes shown in Table 3-2. A low S value is 

desirable as it results in a less severe internal concentration polarization (ICP) effect [124, 

125], thus, a higher flux and solute rejection [91, 123]. Overall, the results in Table 3-2 

suggest that the TFC FO membrane used in this study is comparable to other currently 

available in terms of key performance parameters. 

Table 3-2: Comparison of key transport parameters between the TFC FO membrane used 

in this study and several other FO membranes currently available in the market The 

experimental conditions were as follows: For A and B value, DI water and NaCl (2g/L) 

as feed solution in cross flow RO setup, applied hydraulic pressure = 10 bar, cross flow 

velocity = 25 cm/s. For S value, NaCl (0.5 M) as draw solution and DI water as feed 

solution in cross flow FO setup (average ± standard deviation from duplicate experiments) 

(1 from Xie et al., [123]; 2 from Luo et al., [7]). 

Membrane Literature This study 
CTA1  CTA2  TFC1  TFC 

Pure water permeability, 
A (L·m-2·h-1·bar-1) 

0.65 ± 0.03 0.84 ± 0.03 4.70 ± 0.16 3.20 ± 0.22 

Salt (NaCl) permeability 
coefficient, B (L·m-2·h-1) 

0.25 ± 0.07 0.32 ± 0.06 0.16 ± 0.03 0.41 ± 0.01 

Membrane structural 
parameter, S (mm) 

0.67 ± 0.13 0.57 ± 0.02 0.52 ± 0.11 0.46 ± 0.05 
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3.7.2 Membrane average pore radius 

Steric hindrance is expected to be the key rejection mechanism of TrOCs. Thus, it is 

imperative to determine the membrane pore radius. The TFC FO membrane used in this 

study has an estimated pore radius of 0.37 nm (Table 3-3), which is similar to that of the 

CTA membranes from HTI (Table 3-4). Nevertheless, the TFC FO membrane used in this 

study shows a higher water permeability (A value) as can be seen in Table 3-2. On the 

other hand, the pore radius of the TFC membrane in this study is smaller than that of the 

TFC polyamide FO from HTI (Table 3-4). In agreement with this pore size observation, 

the membrane investigated here also shows lower water permeability (A value) compared 

to the TFC FO membrane from HTI. 

Table 3-3: Estimated average membrane pore radii of the clean FO membrane. The 

experimental conditions were as follows: The membranes were compact for 3 h at the 10 

bar. The concentration of each organic solute in DI water is 40 mg/L. Subsequent 

experiments were conducted at 5, 6, 8, 10 and 12 bar with a cross-flow velocity of 25 

cm/s.  

Test Organic solute Solute size rs (nm) λ = rs/rm Pore radius rm (nm) 
1 Glucose 0.32 0.790 0.41 
2 0.32 0.769 0.42 
1 Xylose 0.29 0.824 0.35 
2 0.29 0.758 0.38 
1 Erythitol 0.26 0.830 0.31 
2 0.26 0.768 0.34 

Average 0.37 ± 0.04 

Table 3-4 Calculated average membrane pore radii of the CTA and TFC FO membrane 

active layers ( 1 from Xie et al., [123]; 2 from Luo et al., [7]). 

 Literature This study 
Pore radius rp 

(nm) 
CTA1 CTA2 TFC1 TFC 
0.37 0.34 0.42 0.37 

3.7.3 Organic characterization of model organic foulants by LC-OCD 

The molecular weight distributions of the organic matter in wastewater and model foulant 

solutions were determined by size exclusion chromatography using LC-OCD (Figure 3-

2). The organic matter was eluted successively based on the molecular size, namely 

fraction A: biopolymers (≥20,000 Da including proteins, protein-like material, 

polysaccharides, polysaccharide-like material, amino sugars), fraction B: humic 
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substances (1000 – 20,000 Da), fraction C: building blocks (breakdown products of humic 

substances, 350 – 500 Da), fraction D low molecular weight (LMW) acids (< 350 Da, 

which are anions at the neutral pH of the buffer), fraction E: LMW neutrals (< 350 Da, 

which are hydrophilic in nature) [122].  
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Figure 3-2: LC-OCD chromatograms of sodium alginate (SA) and humic acid (HA) 

solutions and municipal wastewater (MW). Fraction A: biopolymer, Fraction B: humic 

substances, Fraction C: building blocks, Fraction D: low molecular weight acids, Fraction 

E: low molecular weight neutrals. 

Building blocks and LMW matter (both acids and neutrals) are the two most prevalent 

organic fractions in municipal wastewater (Figure 3-2). The estimated contents of these 

fractions in municipal wastewater are biopolymer (3.6%), building blocks (21.6%), LMW 

neutrals (29.1%), LMW acids (11.6%). Municipal wastewater contains more LMW 

matter than the other two model foulant solutions, thus a more compact fouling layer and 

more severe flux decline can be observed. This is discussed in more detail in section 3.7.5.  

Biopolymers contribute 68.1% of the total DOC in sodium alginate. The other fractions 

found were building blocks (26.1%), LMW neutrals (2.1%) and LMW acids (0.1%). 

Sodium alginate consists of mostly polysaccharides, which is a good representative of 

extracellular polymeric substances [126]. This suggests that alginate solution can also 

induce a considerable fouling due to the interaction between polysaccharides and calcium. 
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For humic acid, the peaks of humic substances and building blocks peaks are more 

obvious than biopolymer and LMW neutrals. The estimated contents of these contents 

are humic substances (45.2%), building blocks (25.1%), LMW neutrals (12.5%) and 

biopolymer (1.7%). Compared to LMW neutrals, humic substances is expected to form a 

less compact fouling layer, thus less severe the flux decline.  

3.7.4 Impact of fouling on membrane surface charge and hydrophobicity 

Membrane fouling leads to significant changes in the membrane surface charge (Figure 

3-3). In all cases, the fouled membranes became less negative than the clean membrane. 

Municipal wastewater shows the most significant impact on zeta potential, followed by 

sodium alginate and the humic acid foulant solutions. A possible explanation for this is 

the abundance of Mg2+ and Ca2+ in wastewater neutralizes the negatively charged 

adsorption of organic molecules to the membrane surface [90]. 

It has been established that organic foulants particularly sodium alginate can form a 

cation-stabilized gel, dubbed the “egg-box” shaped gel [127]. Thus, cations such as Mg2+ 

and Ca2+ in wastewater can adsorb into an organic fouling layer rendering the membrane 

surface less negative as can be seen in Figure 3-3. Results of this study also illustrate that 

the impact of fouling on the surface charge is dependent on the membrane materials. 

Indeed, Xie et al., [41] examined the impact of organic fouling on the surface charge 

using a CTA FO membrane. Unlike the polyamide material which is abundant in uncross-

linked carboxylic functional groups (and thus is highly negatively charged), the CTA FO 

membrane used by them was neutral under a clean condition. They also observed that 

humic acid fouling rendered the membrane surface more negatively charged.  

The effect of different foulants on the membrane surface can also be examined by changes 

in contact angle of the membrane surface. In general, the presence of the fouling layer 

makes the membrane surface more hydrophobic (Table 3-5). Increasing membrane 

hydrophobicity resulted in a higher fouling propensity because of the increase in 

hydrophobic interaction between the foulant and the membrane surface. As can be seen 

in Table 3-5, municipal wastewater significantly increased the membrane surface 

hydrophobicity. The presence of polysaccharides and humic substance in municipal 

wastewater promoted surface hydrophobicity through adsorbed organic molecules on the 

active layer [127]. Sodium alginate also increases the hydrophobicity of the active layer 

significantly. This would suggest that the increasing hydrophobicity is due to the 
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interaction between high carboxylate functionality of sodium alginate and Ca2+ [127]. 

However, changes in the active layer hydrophobicity caused by humic acid fouling are 

insignificant.   
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Figure 3-3: Zeta potential of the active layer of membrane samples. FO experimental 

conditions were as follows: For feed solution, the concentration of each model organic 

solutes is 200 mg/L except municipal wastewater. Background electrolyte contained 

1mM CaCl2. NaCl (0.5 M) as draw solution, initial feed solution pH = 5.5, operation time 

= 20 h (HA: 200 mg/L humic acid + 1 mM CaCl2; SA: 200 mg/L sodium alginate + 1 

mM CaCl2; MW: municipal wastewater. Each membrane sample was analyzed in 

replicate). 

There was a notable decrease of the hydrophobicity of the support layer after sodium 

alginate fouling (Table 3-5). These results are rather unexpected since the supporting 

layer is not in contact with the feed solution. It may imply that some components from 

the fouling layer migrate to the support layer, thus interfering the hydrophobicity of 

support layer. However, other fouling tests showed both humic acid and municipal 

wastewater resulted in the discernible changes of hydrophobicity in support layer. Further 

work is required to explain these phenomena. 
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Table 3-5 Comparison of the contact angle of membrane layers in the different feed 

conditions. The experimental conditions are described in Figure 3-3 (average ± standard 

deviation from duplicate experiments). 

Feed condition Contact angle (°) 
Active layer Support layer 

DI water 49.5 ± 3.4 56.2 ± 0.1 
Humic acid + 0.1 mM 

CaCl2 
47.0 ± 3.6 66.8 ± 1.5 

Sodium alginate + 0.1 mM 
CaCl2 

73.2 ± 4.8 39.7 ± 2.1 

Municipal wastewater 82.0 ± 2.2 60.7 ± 3.5 

3.7.5 Impact of fouling on water and reverse salt flux 

The effect of fouling on the membrane performance can be assessed in terms of water 

flux and reverse salt flux. The flux decline is attributed to the coupled concentration 

polarization and fouling layer. Indeed, 20% flux decline was observed when DI water 

was used as the feed (Figure 3-4a). During all FO experiments, the draw solution 

concentration was constant, however, the feed osmotic pressure increased gradually due 

to the reverse salt flux. On the other hand, the water flux through the membrane dilutes 

the concentration of the draw solution inside the membrane support layer. Thus, the small 

decrease in water flux can be explained by the loss of effective osmotic driving force [54, 

128].   

In contrast to the small flux decline observed with a clean feed solution, significant 

membrane fouling could be seen with all fouling solutions. The severity of the flux 

decline was in decreasing order of municipal wastewater, alginate solution, and humic 

acid solution (Figure 3-4b-d). This is consistent with the molecular weight distribution of 

organic matter within these solutions as discussed in section 3.7.3. When municipal 

wastewater was used as the feed, a 70% flux decline was observed at the end of the 

experiment (Figure 3-4d). The flux decline profile when the membrane was fouled with 

municipal wastewater also differs markedly from the much more gradual flux decrease 

when DI water was used as the clean feed solution. With municipal wastewater, a sharp 

flux decline was observed in the first 4 h of the experiment followed by a more gradual 

flux decline. On the other hand, flux decline caused by the increase in feed osmotic 

pressure when a clean feed solution was used was linear throughout the experiment 

(Figure 3-4a). The municipal wastewater consists of large amounts of building blocks and 
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LMW neutrals (section 3.7.3). Thus, these foulants form a more compact and dense 

fouling layer during the FO process [129]. The large flux decline is attributed to the 

increasing hydraulic resistance of the fouling layer (with the assumption that fouling layer 

reduces the water permeability but it does not change the salt permeability) [54].   

Notable membrane fouling could also be observed when 200 mg/L of either alginate or 

humic acid was used as the feed solution (Figure 3-4b-c). Alginate forms a gel layer on 

the FO membrane surface. This may be due to calcium ions in the feed solution making 

a strong bond between alginate molecules through the formation of cross-linking between 

calcium ions and carboxyl groups on the surface of alginate. The normalized flux decline 

caused by sodium alginate (Figure 3-4b) is less severe than that caused by municipal 

wastewater in this study. Compared to the municipal wastewater, sodium alginate 

contains more biopolymers and less LMW neutral fractions (section 3.7.3). Thus, sodium 

alginate may form a less compact fouling layer than municipal wastewater. On the other 

hand, humic acid naturally has more humic substances and less LMW neutral fractions 

than municipal wastewater (section 3.7.3). Despite the deposition from interaction 

between carboxylate or phenolic hydroxyl group and Ca2+ on the membrane surface, 

humic acid forms a relatively less compact fouling layer than municipal wastewater as 

well. However, a notable flux decline was also observed during the fouling test (Figure 

3-4c). A plausible explanation for this is because of the smaller ICP effect in this 

configuration [54].   
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Figure 3-4: Water flux of the membrane at the presence of different foulant as a function 

of time. The experimental conditions are described in Figure 3-3. 

Bidirectional diffusion, namely forward diffusion (from feed to draw) and reverse 

diffusion (from draw to feed), is intrinsic in the FO process. The reverse diffusion of draw 

solute is related to several aspects, including the species of draw and feed solutes, their 

concentrations and cross-flow velocities. The difference between reverse salt fluxes in 

Figure 3-5 is associated with feed solutes since it is the only variable here.  

The observed reverse salt fluxes in all the membranes decrease as a function of water flux 

and time. The highest reverse salt flux is observed with municipal wastewater at the 

beginning of the experiment after which there is a notable decline as a function of time 

(Figure 3-5). This observation is consistent with the rapid water flux decline observed in 

Figure 3-4. The coupling effect of membrane fouling and ICP reduces the effective 

osmotic pressure, leading to a decreasing water flux as well as reverse salt flux 

simultaneously [130]. Corresponding to the gradual decline in water flux, a small but 

discernible decline in reverse salt flux as a function of time was also observed with humic 

acid and sodium alginate fouled membranes. Hancock and Cath [45] suggested that the 

reverse diffusing draw solutes were concentrated at the CTA membrane surface facing 
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feed solution. In addition, the concentration boundary layer on the draw solution side of 

the membrane was not well mixed and remained diluted at lower and equal flow velocities. 

Thus, these two phenomena resulted in diminishing chemical potential gradient between 

draw and feed solutions and reduce both water and reverse salt fluxes. Sharing the similar 

membrane structure with CTA, TFC membrane also showed that reducing effective 

osmotic pressure resulted in reverse salt flux decline. 
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Figure 3-5: The reverse salt flux of the membrane at the presence of different foulant as 

a function of time in feed solution. The experimental conditions are described in Figure 

3-3.  

It is interesting that the reverse salt flux of the fouled membranes (either by a model 

foulant or municipal wastewater) was considerably higher than that under a clean (non-

fouling) condition. This can be attributed to the cake enhance concentration polarization 

within the thin cake layer on the feed side. The fouling cake layer on the membrane can 

be considered as part of the supporting layer. As a result, the effective structure parameter 

(S) of the membrane increases because of the fouling, which leads to an increase in 

reverse salt flux [7]. 

3.7.6 Impact of fouling on the removal of TrOCs 

In general, the removal of an organic molecule by FO is controlled by the steric hindrance 

(i.e. steric hindrance), the charge exclusion (i.e. electrostatic repulsion), and the sorption-
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diffusion mechanism within the membrane polymeric matrix [95]. In this study, the pH 

of all feed solution was adjusted to pH 5.5 which is the pH of the municipal wastewater. 

At pH 5.5, carbamazepine and over 90% of sulfamethoxazole exist as neutral species. As 

a result, separation of sulfamethoxazole and carbamazepine are primarily governed by 

the steric hindrance. Since the molecular dimensions of sulfamethoxazole and 

carbamazepine are considerably larger than the estimated membrane pore size (Table 3-

3), as expected, high rejection of both sulfamethoxazole and carbamazepine was observed 

under all experimental conditions in this study. Nevertheless, the results do show a clear 

effect of membrane fouling on the rejection of these two TrOCs. 

The role of steric hindrance in the rejection of sulfamethoxazole can be observed in Figure 

3-6. All fouled membranes show the higher rejection of sulfamethoxazole than the clean 

membrane. Decreased pore size caused by introduced Ca2+ with each model organic 

foulant hinders the transport of sulfamethoxazole [41, 131]. It is also notable that rejection 

of fouled membrane caused by municipal wastewater is lower than that observed with the 

humic acid and alginate fouled membranes. As a possible explanation for this, the 

hydrophobic organic fouling layer can interfere with the separation of sulfamethoxazole 

and thus disrupts the diffusion of this compound through membrane.  

The separation behaviors of carbamazepine by clean and fouled membranes differ 

markedly from one another (Figure 3-7). Fouling has a negative impact on the rejection 

of carbamazepine. Compared to the rejection of sulfamethoxazole by fouled FO 

membranes, this result is likely due to the cake enhanced concentration polarization which 

results in an elevated concentration of the solutes within the fouling layer [132].  
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Figure 3-6:  Sulfamethoxazole rejection by the clean and fouled membrane as a function 

of time. The FO experimental conditions are described in Figure 3-3.  
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Figure 3-7: Carbamazepine rejection by the clean and fouled membrane as a function of 

time. The FO experimental conditions are described in Figure 3-3.  

3.8 Conclusion 

Results reported here indicate that membrane fouling results in notable changes in the 

membrane properties in terms of the membrane surface charge and hydrophobicity. LC-
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OCD analysis shows that membrane fouling behavior is governed by the composition of 

the feed solution. Water flux and reverse salt flux are affected by the fouling layer and 

the internal concentration polarization. Furthermore, membrane fouling can exert a 

considerable effect on the separation process of carbamazepine and sulfamethoxazole. 

Fouled membranes caused by different organic fractions exhibit quite different rejection 

behavior for sulfamethoxazole and carbamazepine which were selected as model TrOCs 

in this study. Both TrOCs were well rejected by clean and fouled FO membranes. 

Membrane fouling results in an increase in sulfamethoxazole rejection, whilst 

carbamazepine rejection decreases due to membrane fouling. Since only TFC membrane 

was used in this study, these findings may not necessarily applicable to other membrane 

materials such as cellulose triacetate. Further research to investigate the impact of draw 

solution chemistry on the removal of TrOCs by FO is also recommended. 
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Chapter 4 New insights into the relationship between draw 

solution chemistry and trace organic rejection by forward 

osmosis 

This thesis chapter has been published as the following journal article. 

L. Zheng, W.E. Price, J. McDonald, S.J. Khan, T. Fujioka, and L.D. Nghiem, New insights 

into the relationship between draw solution chemistry and trace organic rejection by 

forward osmosis. Journal of Membrane Science, 587 (2019), 1-10. 

 

4.1 Introduction 

As discussed in the Chapter 3, feed solution chemistry induced a noticeable impact on 

membrane properties and therefore FO performance. Feed solution chemistry can also 

influence both ionization state of TrOCs, and therefore TrOCs rejection by FO has been 

extensively investigated in the literature. Xie et al., [133] compared the rejection of two 

pharmaceuticals (carbamazepine and sulfamethoxazole) by the CTA FO membrane as a 

function of feed pH. Electrostatic repulsion and steric hindrance both exhibited effects on 

rejection in relation to the speciation of compounds. In agreement with previous findings 

by Xie et al., [133],  Zhu et al., [134] observed that the electrostatic repulsion was the 

dominating mechanism for the rejection of negatively charged compounds (cyclohexane 

carboxylic acid, 1-adamantaneacetic acid) since the CTA membrane became more 

negatively charged when pH was increased.  

Of the equal importance, draw solution chemistry may influence feed chemistry due to 

the reverse salt flux. Therefore, previous studies have focused on effect of draw solution 

species and concentration on TrOCs rejection [37, 98]. Despite these recent and dedicated 

studies, to date, little is known about the role of draw solution chemistry especially pH 

on the rejection of TrOCs by FO. Thus, it is essential to conduct the study related with 

TrOCs rejection influenced by draw solution chemistry.  
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This chapter aims to elucidate the impact of draw solution chemistry on the rejection of 

TrOCs by FO. In addition to the impact of reverse salt flux on TrOCs rejection, which 

has been investigated in the few previous studies, the current work also focuses on the 

interplay between draw solution pH and species, membrane fouling, and water flux to 

generate new insights into the FO performance.  

4.2 Material and Methods 

4.2.1  Materials and trace organic contaminants 

A flat-sheet TFC-FO membrane from Porifera (Hayward, CA, USA) was used in this 

study. According to the manufacturer, the operational pH range of this membrane is from 

pH 2 to 13. Both layers of the membrane are negatively charged above pH 4 and become 

more negative as pH is increased. 

To better contrast the draw solute hydrated size (thus the reverse salt flux) on FO 

performance, in addition to NaCl, which has been the most widely used draw solute in 

the literature, lithium chloride (LiCl) was also used in this study. LiCl and NaCl were 

provided from Chem-Supply (SA, Australia). Sodium acetate (NaOAc), acetic acid 

(HOAc), sodium dihydrogen phosphate (NaH2PO4), and disodium hydrogen phosphate 

(Na2HPO4) from VWR (QLD, Australia) were used in buffer solutions. DI water was 

used to prepare the solution for this study. All chemicals were analytical grade. Municipal 

sewage was collected after primary sedimentation from a wastewater treatment plant in 

New South Wales, Australia. Key parameters of this sewage are summarized in Table 4-

1. 

Table 4-1: Characteristics of primary treated municipal sewage. 

Parameter Value  
pH 7.2-7.3 
COD 692.6 mg/L 
TOC 114.9 mg/L 
TSS 166.3 mg/L 
Conductivity 3525 μS/cm 

As the representatives of widespread TrOCs from four categories (pesticides, 

pharmaceuticals, personal care products and industrial chemicals) in raw sewage, 43 

TrOCs were selected in this study (Supplementary Data Table S4-1). A stock solution of 
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all TrOCs was prepared in pure methanol at a concentration of 20 mg/L each on a monthly 

basis and stored at -18 ℃.  

4.2.2 Experimental system and protocol 

All experiments were performed using a bench scale FO system (Figure 4-1). The 

membrane cell has two identical and symmetrical plastic flow chambers with length 10 

cm, width 5 cm and height 0.2 cm. The effective area of membrane is approximately 44.6 

cm2.  

 

Figure 4-1: Schematic diagram of the bench-scale forward osmosis system. 

Unless otherwise stated, the draw solutions were buffered at pH 4.6 by using 

NaOAc/HOAc (0.7 M/0.1 M); at pH 6.8 by using NaH2PO4/Na2HPO4 (0.1 M/0.48 M); at 

pH 8.0 by using NaH2PO4/Na2HPO4 (0.1 M/0.76 M). NaCl or LiCl was then added to the 

buffer solution to obtain a draw solution of 0.5 M. The draw solution volume was 0.5 L. 

The feed solution (DI water or municipal sewage) volume was 2 L.  

The system was operated in the co-current FO configuration (active layer facing feed 

solution) with a cross-flow rate of 1.0 L/min (corresponding to a cross-flow velocity 19.8 

cm/s). The draw solution reservoir was placed on a digital balance (Mettler-Toledo Inc., 

Hightstown, NJ) and weight change was recorded every 5 minutes by a computer. In order 

to diminish the weight interference between two reservoirs, the concentrated draw 

solution reservoir (5 M NaCl or LiCl) was placed on the same digital balance where draw 

solution was placed. The concentration of draw solution was monitored and maintained 

by a conductivity probe (Cole-Parmer, Vernon Hills, IL) connected with a peristaltic 

pump (control accuracy was ± 0.1 mS/cm).  
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All experiments were conducted until 50% water recovery has been achieved (i.e. 1 L 

water from the feed had permeated through the membrane to draw solution). The feed 

solutions were prepared by spiking 43 TrOCs into the DI water or municipal sewage to 

generate a concentration of 10 μg/L of each TrOCs (ignoring initial amount of TrOCs in 

municipal sewage). Feed and draw solution samples (500 mL each) were taken at the 

beginning and end of each experiment for the analysis. Conductivity, pH of feed and draw 

solutions were monitored by an Orion 4 Star plus conductivity meter (Thermo Fisher 

Scientific, Waltham, MA) at specific time intervals. All FO experiments were conducted 

in duplicate. Water flux, Jw, was calculated as:  

5t t
w

water

M M
J

t A 



  

 (4-1) 

where Mt and Mt-5 are the weights of draw solution at time t min and t-5 min, respectively. 

A is the effective membrane area; ρwater is the density of water; ∆t is 5 mins. 

The reverse salt flux (RSF), Js, was calculated by a mass balance calculation as: 
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where C0 and Ct are the concentration of the draw solute in the feed at the beginning and 

corresponding time t of the experiment, respectively; Vfeed,0 and Vfeed,t are the volumes of 

the feed at the beginning and corresponding time t of the experiment; ∆Vp,t is the volume 

of permeate at time t.  

The reverse salt flux selectivity (RSFS) was calculated as:  
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Water recovery, Rw, or the water extraction rate of the FO experiment was calculated as: 
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4.3 Analytical methods 

4.3.1 Membrane morphology analysis 

Membrane samples were coated by a Quorum-SC7620 Mini Sputter Coater (Quorum 

Technologies, UK) prior to the surface morphology analysis. Each sample was 

investigated by a scanning electron microscope (SEM) (Phenom-ProX, Thermo Fisher, 

USA) in the detector mode for backscattered electrons with an operating voltage of 10 

kV and an operating pressure of 1 Pa. Elemental analysis was conducted by an energy 

dispersive X-ray spectroscopy (EDX).  

4.3.2 Municipal sewage characterization  

The pH and conductivity of municipal sewage were measured by the pH and conductivity 

meter. Total suspended solids (TSS) was measured according to the standard method 

[135]. Chemical oxygen demand (COD) was measured following the US-EPA Method 

8000 using high range COD vials (HACH, Colorado, USA). TOC was measured by a 

VCSH TOC analyzer (Shimadzu, Kyoto, Japan). 

Molecular weight distribution of municipal sewage was determined by LC - OCD (Model 

8, DOC - Labor, Karlsruhe, Germany). The feed samples were filtered through 0.7 μm 

pore size glass microfiber filter paper prior to analysis. This method is described 

elsewhere [122]. Customized software (ChromCALC, DOC - LABOR, Karlsruhe, 

Germany) was used to acquire and process data. 

4.3.3 Trace organic contaminant analysis 

The analysis of TrOCs followed the method developed by Tadkaew et al., [136]. In brief 

this was carried out in three parts: solid phase extraction (SPE), liquid chromatography, 

and quantitative measurement by tandem mass spectrometry with electrospray ionization. 

Each sample was spiked with a surrogate (50 ng) of 43 isotopically labelled standards for 

method recovery and detection level determination. A 1 μm pore size glass microfiber 

filter paper followed by 0.7 μm one was used to treat municipal sewage feed samples for 

subsequent SPE. All liquid samples were loaded onto the preconditioned Oasis HLB 

cartridges (Waters, Millford, MA, USA) for TrOCs extraction. The precondition method 

followed the order: 5 mL methyl tert-butyl ether, 5 mL methanol, and 2×5 mL Milli-Q 

water at the flow rate of approximate 15 mL/min. The SPE procedure was conducted 
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slowly at a rate about 15 - 20 drop/min. The cartridges were rinsed twice with Milli-Q 

water after SPE and were dried by nitrogen gas. 

Two solutions: methanol (5 mL), mixture of methanol and methyl tert-butyl ether (1:9, 

v/v, 5 mL) were used to extract TrOCs from loaded cartridges. Then, the extracted TrOCs 

were firstly concentrated to 100 μL followed by diluting to 1 mL with methanol. The 

diluted extracts were analyzed by a high performance liquid chromatography (Agilent 

1200 series, Palo Alto, CA, USA) with a Luna C18 (2) column (Phenomenex, Torrence 

CA, USA) for TrOCs separation. Selected TrOCs were identified and quantified by an 

isotope dilution method using a triple quadrupole mass spectrometer (API 4000, Applied 

Biosystems, Foster City, CA, USA) equipped with a turbo V ion source that was 

employed in both positive and negative electro - spray modes. This method had a limit of 

quantification of 20 ng/L for bisphenol A, 10 ng/L for caffeine, triclocarban and diuron, 

and 5 ng/L for all other TrOCs [137]. 

TrOC rejection, R, was calculated as: 
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where CTrOC,d is the concentration of each TrOC in the draw solution, CTrOC,f is the 

concentration of each TrOC in the feed solution, and DF is the dilution factor and defined 

as: 
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where Vd is the final volume of the draw solution and Vp is the total volume of permeate. 

4.4 Results and discussion 

4.4.1 Impact of draw solution chemistry on water flux and reverse salt flux 

The draw solution pH asserted a small but nevertheless discernible impact on water flux 

(Figure 4-2). At a draw solution of pH 4.8, the flux decline was most noticeable when DI 

water was used as the feed solution, corresponding to the longest time to achieve 50% 

water recovery. This was followed by draw solutions at pH 6.7 and pH 8.0 (Figure 4-2a-

c). It is noted that the DI feed water was at pH 6.4. Results in Figure 4-2a-c could be 

attributed to the difference in pH between the draw and feed solution, leading to the 
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transfer of proton ions into the feed solution. Since pH is a logarithmic function of proton 

concentration, the concentration gradient for the proton transfer between solutions at pH 

4.8 and pH 6.4 (feed pH) is several orders of magnitude higher than between those at pH 

6.7 and pH 6.4. On the other hand, there was also the back diffusion of Na+ from the draw 

to the feed solution. The transport of both proton and Na+ was coupled with the transport 

of a counter ion, Cl- in this case, for electro-neutrality. Thus, a high concentration of 

proton in the draw solution can interfere with the transport of Na+ at pH 4.8, leading to a 

smaller overall osmotic gradient across the membrane active layer, and hence, lower 

water flux when compared to pH 6.7 (Figure 4-2a-b). Indeed, the lowest NaCl reverse 

salt flux was observed with draw solution at pH 4.8 (Figure 4-3). The interplays among 

the transport of key solutes at different draw solution pH are schematically presented in 

Figure 4-3. 

 

Figure 4-2: Water flux as a function of time. In (a) – (c), DI water was used as the feed 

solution (FS) and NaCl (0.5 M) at buffered pH 4.8/6.7/8.0 was used as the draw solution 

(DS), respectively. In (d), comparison of water flux when either NaCl (0.5 M) or LiCl 

(0.5 M) at buffered pH 4.8/6.7 were used as the draw solutions. DI water was used as the 

feed solution. The initial pH of feed solution in all experiments was 6.4 ± 0.2 and all 

experiments were conducted until 50% water recovery.   
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Figure 4-3: Reverse salt flux and pH in the feed solution (The data were recorded in the 

first 5 h and end of experiment). DI water was used as feed solution and NaCl (0.5 M) at 

buffered pH 4.8/6.7/8.0 was used as draw solution, respectively. The initial pH of feed 

solution in all experiments were 6.4 ± 0.2 and all experiments were conducted until 50% 

water recovery. Error bars represent the difference of two replicate measurements. 

NaCl and LiCl as the draw solutes showed different flux performance despite their similar 

osmotic potentials based on the van’t Hoff theory (Figure 4-2d and Supplementary Data 

Figure S4-1). At the same pH and draw solution molar concentration, LiCl resulted in a 

lower water flux compared to NaCl corresponding to a longer operation time to achieve 

50% water recovery. The effect of external concentration polarisation can be mitigated 

by maintaining a crossflow (19.8 cm/s) over the membrane surface [138]. Thus, the 

observed differences in water flux profile at the same draw solution concentration (thus 

osmotic potential) in Figure 4-5 can be attributed to the difference in hydrated radius 

between two draw solutes and the ICP effect. In this study, the active layer was against 

the feed solution. Thus, within the porous supporting layer, the draw solution is diluted 

by the water flux, which is referred to as the dilutive ICP on the permeate side. With a 

larger hydrated radius and lower diffusivity, Li+ potentially leads to a more severe dilutive 

ICP (Figure 4-5), and thus a lower water flux as observed in Figure 4-2d.  

Of a particular note, the impact of draw solution pH on water flux was less significant 

when LiCl was used as the draw solute (Figure 4-2d). As discussed above, the transfer of 
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H+ from the draw solution to the feed at pH 4.8 could be impacted by the diffusion of 

hydrated Li+ (in the same way as hydrated Na+) across the membrane (Figure 4-5c-d). In 

addition, the diffusion coefficients of alkali metals decrease as their hydrated radii 

increase [139]. Since Li+ has a larger hydrated radius than Na+, the reverse salt flux of 

LiCl is therefore much smaller than that of NaCl (Figure 4-4). Hence, the impact of draw 

solution pH on water flux was negligible when LiCl was used as the draw solute (Figure 

4-2d).  

 

Figure 4-4: Comparison of reverse salt flux resulted from two draw solutes and monitored 

pH in the feed solution (The data were recorded in the first 5 h and end of experiment). 

NaCl (0.5 M) or LiCl (0.5 M) at buffered pH 4.8/6.7 was used as draw solution, 

respectively. DI water was used as feed solution at pH 6.4 ± 0.2. All experiments were 

conducted until 50% water recovery. Error bars represent the difference of two replicate 

measurements. 
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Figure 4-5: A schematic diagram of coupled effects resulting from draw solution pH and species on water flux and reverse salt flux. In (a) - (b), 

NaCl (0.5 M) at buffered pH 4.8/6.7 was used as the draw solution, respectively. In (c) - (d), LiCl (0.5 M) at buffered pH 4.8/6.7 was used as the 

draw solutions, respectively. DI water at pH 6.4 ± 0.2 was used as the feed solution in all experiments. Hydrated radii data are from [140]. ∆π is 

the effective osmotic driving force.   
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4.4.1 Reverse salt flux selectivity 

LiCl had a higher reverse salt flux selectivity than NaCl in this study (Figure 4-4 and 

Figure 4-6). Despite a slightly lower water flux because of a more severe dilutive ICP, 

LiCl had a much lower reverse salt flux than that of NaCl. As a result, the higher reverse 

salt flux selectivity of LiCl was observed in comparison to NaCl. It is interesting to note 

that when LiCl was used as the draw solute, pH had a more significant impact on reverse 

salt flux selectivity (Figure 4-6). This observed impact was in contrast to that on water 

flux as discussed in section 4.4.1. It was likely due to the very small reverse salt flux of 

LiCl, where even a small change in water flux caused by the variable pH could lead to a 

noticeable change in reverse salt flux selectivity. On the other hand, the draw solution pH 

affected both the water and reverse salt flux to a similar magnitude when NaCl was used 

as the draw solute. 

 

Figure 4-6: Average water flux, RSF and RSFS of two draw solutions at two pH gradients. 

Experimental conditions: DI water was used as the feed solution; NaCl (0.5 M) or LiCl 

(0.5 M) at buffered pH 4.8/6.7 was used as the draw solution.  
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4.4.2 Rejection of TrOCs by FO 

4.4.2.1 Role of electrostatic interaction 

Results in Figure 4-7 show that average rejection for charged TrOCs by FO (negatively 

charged compounds: 86.7 ± 8.6 %; positively charged compounds: 86.9 ± 7.6%) were 

marginally better than that of neutral TrOCs (84.4 ± 6.8%). The difference in rejection 

between charged and neutral TrOCs was discernible but not as significant as previously 

reported with NF membranes [40]. When a molecule attained a charge, electrostatic 

interaction could be a major rejection mechanism. An alternative view is to consider the 

hydrated size of the molecule which is larger than the neutral state of the compound. 

Electrostatic interaction or the hydrated size can be expressed by the Debye length which 

is governed by the solution ionic strength [40]. Unlike a NF system, in which the feed 

solution usually has a low ionic strength. FO has a high ionic strength in feed because of 

the back diffusion from draw solution. Therefore, the ionic strength at the membrane 

surface on the feed side can suppress electrostatic interaction between charged TrOCs 

and the membrane surface. As a result, the impact of solute charge on rejection by FO 

was less significant as observed in Figure 4-7 compared to the previous literature on the 

NF process. 

The results showed a little correlation between the rejections of neutral TrOCs by FO and 

their corresponding molecular sizes in terms of MPA. MPA is the two-dimensional area 

of the conformer projected with its circular disk. Assuming the passage of compound 

through FO membrane as a circular shape, MPA is supposed to be most correlated with 

the rejection of neutral TrOCs. Results in Figure 4-7 are in contrast to the NF process, in 

which steric hindrance plays a much more significant role in the rejection of neutral 

TrOCs [141]. Hence, these results suggest that steric hindrance was not a prevalent 

rejection mechanism in this study and other phenomenon such as adsorption or dipolar 

interaction likely influenced the transport of TrOCs through FO membrane. For examples, 

benzophenone (Log D = 3.43) and phenylphenol (Log D = 3.31) are small in sizes but are 

also hydrophobic (log D > 3). Thus, adsorption was an additional removal mechanism, 

leading to relatively high observed rejection values, particularly when a limited feed 

volume was applied in this study. On the other hand, carbamazepine has a large MPA, 

but was not well rejected by FO. A plausible explanation for this observation was the high 

dipole moment of carbamazepine (3.6 Debye [142]), which  facilitated dipolar 
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interactions with the membrane surface [143]. In other words, due to the dipolar 

interaction, carbamazepine orientated toward the membrane pore, resulting in a lower 

rejection [144]. 

 

Figure 4-7: TrOC rejection at buffered pH 6.7. Experimental conditions: DI water was 

used as feed solution and NaCl (0.5 M) at buffered pH 6.7 was used as the draw solution. 

Minimum projection area (MPA) is calculated based on the Van der Waals radius. The 

MPA of each compound was obtained from the Chemicalize online platform. Error bars 

represent the difference of two replicate measurements. 

4.4.2.2 Role of compound speciation  
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Due to the bidirectional transport of proton across the membrane, pH in the feed solution 

(and thus the speciation of ionisable TrOCs) could be influenced by a pH gradient 

between the feed and draw solution. Hence, higher rejections were observed when TrOCs 

became either negatively or positively charged compared to their neutral forms because 

of the electrostatic interaction (Figure 4-8). For example, the rejection of triclosan (pKa 

= 7.68) increased from 47.8% (neutral) to 96.3 and 96.1% when it became negatively 

charged in buffered draw solutions at pH 6.7 and 8.0, respectively. On the other hand, the 

rejection of triamterene (pKa = 6.2) decreased by 8.8% and 6.4% when it transformed 

from positively charged (pH 4.8) to a neutral form (pH 6.7 and 8.0), respectively. In 

particular, pH 6.7 showed a lower rejection than pH 8.0 when compounds (propylparaben 

and dilantin) were both negatively charged at these two pH values. As discussed in section 

4.4.1, since the feed solution ionic strength decreased from pH 6.7 to pH 8.0 due to the 

increasing reverse salt flux (Figure 4-1), electrostatic repulsion at pH 8.0 became a more 

prevalent rejection mechanism, leading to a higher rejection.  

 

Figure 4-8: Rejection of ionisable TrOCs at different buffered pH. Experimental 

conditions: DI water was used as the FS and NaCl (0.5 M) at different buffered pH (pH 
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4.8/6.7/8.0) was used as the DS, respectively. Error bars represent the difference of two 

replicate measurements.  

4.4.2.3 Role of draw solute species 

Using LiCl as the draw solute resulted in slightly higher rejections of most TrOCs 

compared to NaCl (Figure 4-9), which showed the data for 28 TrOCs with the discernible 

rejection difference between these two draw solutes. As noted in section 4.4.1, the reverse 

salt flux of LiCl was less than that of NaCl at two pH gradients. Ionic strength of the feed 

immediately at the membrane was therefore expected to be lower than NaCl. A lower 

ionic strength could possibly lead to a stronger electrostatic interaction between charged 

TrOCs and the negatively charged membrane surface, resulting in a higher rejection. On 

the other hand, ionic strength could also influence the charge layer within the membrane 

pore or the effective membrane pore size. In other words, at a lower ionic strength, the 

double layer could extend further, resulting in a smaller effective pore size [37]. As a 

result, the effect of the lower ionic strength on the feed side was also observed for several 

neutral TrOCs when LiCl was used as the draw solute (Figure 4-9).  

 

Figure 4-9: Impact of draw solution species on TrOCs rejection. Experimental conditions: 

DI water was used as the FS and NaCl (0.5 M) or LiCl (0.5 M) at different buffered pH 
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(pH 4.8/6.7) was used as the DS, respectively. Error bars represent the difference of two 

replicate measurements. 

4.4.1 Rejection of TrOCs with the presence of fouling 

4.4.1.1 Impact of membrane fouling on water flux 

The presence of foulants in the feed solution was a significant factor in the determination 

of the permeate flux. The corresponding flux declines were 70% for fouled membrane 

and 19% for clean membrane at 50% water recovery, respectively (Figure 4-10). The 

gradual flux decline in DI water was due to the diminishing osmotic gradient caused by 

the reverse draw solute diffusion. Two instinct fouling stages were observed, possibly 

related to two different fouling mechanisms. A sharp drop in permeate flux was observed 

within the first 10 h of each filtration experiment. This initial rapid fouling stage can be 

likely attributed to the development of a fouling cake layer on the membrane surface. 

After 10 h of filtration, the rate of flux gradually became stable until the end of the 

experiment, which was possibly due to the thickening and compaction of the fouling layer. 

Similar water flux decline profiles were reported in our previous study [145]. 

 

Figure 4-10: Impact of fouling on the water flux: DI water or municipal sewage was used 

as the FS, respectively. NaCl (0.5 M) at buffered pH 8.0 was used as the DS. The initial 

pH of feed solution in duplicate experiments was 6.4 ± 0.2 and duplicate experiments 

were conducted until 50% water recovery.   
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4.4.1.2 Membrane fouling characterization 

Results from LC-OCD analysis indicate that low molecular weight neutrals accounted for 

most (>70%) of the dissolved organics in municipal sewage (Figure 4-11a). Despite a 

high fraction of low molecular weight neutrals in municipal sewage, the organic removal 

by the FO process was 97.2% as indicated by a small peak of low molecular weight 

neutrals in the FO permeate (Figure 4-11b). Although the water recovery was 50%, the 

accumulation of other fractions except low molecular weight neutrals were negligible in 

the FO concentrate. Thus, it is likely that almost all low molecular weight neutrals 

retained by the FO process had deposited on the membrane surface to form a cake layer, 

resulting in a considerable flux decline as previously discussed in section 4.4.1. This cake 

layer on the membrane surface was confirmed by SEM-EDX analysis (Supplementary 

Data Figure S4-2). In addition, the cake layer had a significant impact on the reverse salt 

flux demonstrated by the Supplementary Data Figure S4-3.  

 

Figure 4-11: LC-OCD chromatograms of (a) feed, (b) permeate, and (c) concentrate of 

municipal sewage after FO experiment. Fraction A: biopolymer; Fraction B: humic 

substances; Fraction C: building blocks; Fraction D: low molecular weight acids; Fraction 

E: low molecular weight neutrals. The experiments were conducted in duplicate.  
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4.4.1.3 Impact of fouling on TrOCs rejection 

 

Figure 4-12: TrOCs rejection by clean and fouled membranes. Experimental conditions: 

DI water or municipal sewage was used as FS, respectively. NaCl (0.5 M) at buffered pH 

8.0 was used as the DS. Error bars represent the difference of two replicate measurements.  

The cake layer on the membrane surface could result in variable TrOCs rejection. Higher 

rejections by the fouled FO membrane were observed for 32 out of 43 TrOCs investigated 

in this study when it was compared to that under clean no-fouling conditions (Figure 4-

12). These observations could be attributed to the additional filtration effect by the cake 

layer and possibly pore blocking. As discussed in section 4.4.1.2, the fouling layer 

consisted of mostly low molecular weight neutrals (molecular weight of approximate 350 

g/mol), thus penetration of TrOCs through the cake layer to the membrane pore were 

negligible. These findings were consistent with those previously reported by Xie et al., 

[42] that the rejection was enhanced at a low initial permeate flux associated with a fouled 

membrane. It is noteworthy that several neutral compounds including carbamazepine and 

triclocarban exhibited lower rejections at the presence of fouling (Figure 4-12). The lower 

rejections for neutral compounds were likely attributed to a cake-enhanced concentration 

polarisation effect as steric hindrance is probably the main rejection mechanism for 

neutral compounds. On the other hand, similar to the findings in the previous section 
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4.4.2.1, rejection behaviors exhibited no correlation with molecular size of compound (i.e. 

MPA) regardless of the presence of a fouling layer.  

4.5 Conclusions 

Results from this chapter indicate that draw solution chemistry (i.e. pH and draw solute 

type) could induce discernible impacts on both water flux and TrOC rejection. The impact 

on TrOC rejection was further interfered by the membrane fouling. Due to the 

bidirectional transport in the FO process, pH of the draw solution and feed solution were 

interrelated. As a result, the draw solution pH influenced the speciation of ionizable 

TrOCs in the feed solution and their rejection mechanisms by FO. Electrostatic 

interaction other than steric hindrance was identified as the prevalent rejection 

mechanism for the clean membrane, which could also be explained by a poor correlation 

between rejections and molecular sizes of the 43 TrOCs. Compared to NaCl, LiCl as the 

draw solution showed slightly higher rejections for most selected TrOCs. LiCl had a much 

lower reverse salt flux than NaCl because of a larger hydrated radius of Li+. Therefore, a 

lower ionic strength in the feed side and within the membrane pore caused a stronger 

electrostatic interaction. On the other hand, low molecular weight neutrals in municipal 

sewage mainly formed a fouling cake layer. This cake layer attributed to an increase in 

TrOCs rejection because of the severe pore blockage. However, a decrease in the rejection 

for several neutral TrOCs was also observed and this was likely due to the cake-enhanced 

concentration polarisation effect. 
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Chapter 5 Simultaneous cooling and provision of make-up 

water by forward osmosis for post-combustion CO2 

capture 

This thesis chapter has been published as the following journal article. 

L. Zheng, W.E. Price, T. He, and L.D. Nghiem, Simultaneous cooling and provision of 

make-up water by forward osmosis for post-combustion CO2 capture. Desalination, 476 

(2020), 1-7.  

 

5.1 Introduction 

Recent technology provides multiple approaches to transform wastewater to a source of 

energy and water. As discussed in Chapter 3 and 4, FO is one sort of approaches for 

purifying wastewater via rejecting TrOCs. The investigation about complex interplay 

between feed/draw solution chemistry and FO performance lays the foundation on 

variable FO application. As addressed in Chapter 2, an innovative FO application was 

proposed to meet increasing make-up water demand after installing CO2 capture facility 

to an existing power station. By using regenerated amine-based solvent as the draw 

solution, FO can be used as an alternative to a trim cooler through extracting clean water 

from wastewater or seawater. Such novel proposal also facilitates FO application towards 

wastewater reclamation. 

In such context, temperature gradient naturally exists between feed solution and draw 

soluiton. As the diffusion coefficient of the solution increases as temperature increases 

[146, 147], whereas the viscosity of the solution decreases as temperature increases [148]. 

This phenomenon reduces solute resistivity and diminishes the effect of ICP, thus 

enhancing the FO performance. As a result, a temperature gradient is considered as a vital 

operating parameter regarding water transport in FO. Phuntsho et al., [149] observed a 

small but discernible increase of draw solution osmotic pressure as temperature increased 

from 25 to 45 °C. This phenomenon resulted in the corresponding flux increase (4.1-

21.4%). With the increasing draw solution temperature, change of solution viscosity and 
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diffusion coefficient resulted in the decreasing ICP effect and further improving the water 

flux.  

The effect of temperature gradient on water flux can also be interfered by the membrane 

orientation, which is strongly related with ICP. ICP has been prescribed as the main factor 

accounting for flux decline apart from membrane fouling [150]. Due to the intrinsic 

asymmetric structure of FO membranes, the two membrane orientations with (a) the AL-

FS and (b) the AL-DS lead to dilutive and concentrative ICP, in addition to the different 

flux decline [151]. Chowdhury et al., [152] observed a larger increase of water flux in the 

AL-DS configuration than that in the AL-FS configuration when the draw solution 

temperature was 20 °C more than the feed solution. However, when draw solution 

temperature decreased, the flux decline in AL-DS configuration was smaller than that in 

AL-FS configuration. Since mass transfer was mainly hindered in the support layer, a 

relatively larger temperature gradient was observed in AL-DS configuration. A lower 

temperature resulted in a higher solution viscosity and a smaller diffusion coefficient, 

therefore lessening the extent of ICP.  

This chapter therefore aims to evaluate a novel application of FO as an alternative for the 

trim cooler, which used the non-potable water (i.e. treated effluent and seawater) as the 

cooling water resource, in addition to supplement for cooling tower or flue gas 

desulphurization. The current work also focuses on the influencing factors, such as 

temperature gradient and membrane orientation on the FO performance, which yields a 

prospect for a practical application of FO in post-combustion CO2 capture.  

5.2 Material and Methods 

5.2.1 FO membrane 

A commercial TFC polyamide membrane (Porifera, Hayward, USA) was used to 

benchmark the transport of water from the feed solution to the draw solution. This 

membrane consisted of a thin active layer and a porous supporting layer. Key properties 

of this membrane have been reported elsewhere [145]. Briefly, the membrane structural 

parameter was 0.46 ± 0.05 mm. The average pore radius of this membrane was estimated 

to be 0.37 ± 0.04 nm. According to the manufacturer, the operational pH range of this 

membrane is from pH 2 to 13. The active and supporting layers of this membrane are 

negatively charged above pH 4.  
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Table 5-1: Key physicochemical properties of draw solutions used in this study (data were 

obtained from Chemicalize online platform).  

Chemical 
Name 

Glycine Sodium glycinate MEA 

Chemical 
formula 

C2H5NO2 C2H4NNaO2 C2H7NO 

Chemical 
structure 

      

Molar mass 
(g/mol) 

75.07 97.05 61.08 

pKa 2.31, 9.24 2.31, 9.24 9.55, 15.61 
Charge at pH 

6.5 
Neutral Neutral + 1.00 

Charge at pH 
12 

- 1.00 - 1.00 Neutral 

Water 
solubility at 
pH 6.5 (g/L) 

345.90 Miscible Miscible 

Water 
solubility at 
pH 12 (g/L) 

Miscible Miscible Miscible 

Minimum 
projection area 

(Å2) 

17.88 17.87 17.12 

5.2.2 Feed solution 

Secondary treated effluent (pH = 7) was collected from the Shellharbour wastewater 

treatment plant (NSW, Australia) and stored at 4 °C. The conductivity of the effluent 

sample was 2.4 mS/cm and TOC was 7.5 mg/L. Seawater (pH = 8) was collected from 

the Tasman Sea, South Pacific Ocean (34.25° S, 150.54° E). The seawater was allowed to 

settle for at least 48 h and the sediment was discarded. The conductivity and TOC of the 

seawater sample was 52.1 mS/cm and 22.1 mg/L.  

5.2.3 Draw solution  

Analytical grade glycine and MEA were from Chem-Supply (SA, Australia). Sodium 

glycinate was prepared by mixing glycine and sodium hydroxide (Chem-supply, SA, 

Australia) at a 1:1 molar ratio. These amine-based CO2 adsorbents (Table 5-1) were used 

to prepare draw solution for FO experiments using DI water.  
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5.2.4 Analysis 

The electrical conductivity and pH of the feed solution were measured using an Orion 4 

Star plus pH/conductivity meter (Thermo Fisher Scientific, Waltham, MA). TOC analysis 

was conducted by sparging Non-Purgeable Organic Carbon using a VCSH TOC analyzer 

(Shimadzu, Kyoto, Japan). Acid (2 M HCl) was added to maintain sample integrity by 

reducing the microbiological growth rate.  

5.2.5 Experiment system  

FO experiments were conducted using a bench scale system consisting of a cross-flow 

membrane cell (with length of 10 cm, width of 5 cm, height of 0.2 cm, and effective 

membrane surface area of 44.6 cm2), draw and feed gear pumps, rotameters, and 

temperature regulating units (Figure 5-1). A draw solution reservoir was placed on a 

digital balance (Mettler-Toledo Inc., Hightstown, NJ), and weight change was monitored 

every 5 minutes and transferred to a data logger. Due to the dilution effect, concentrated 

draw solution (5 M) for each chemical was added every 0.5 h to maintain a constant draw 

solution concentration. Two gear pumps (Micropump, Vancouver, WA) were used to 

circulate the draw solution and feed solution at a flow rate of 1.0 L/min from their 

respective reservoirs simultaneously. The temperatures of draw solution and feed solution 

were maintained using temperature regulating units (Thermo Fisher Scientifc, MA) 

equipped with a stainless steel heat exchanger coil at 25 ± 0.5 °C and 45 ± 0.5 °C, 

respectively.  
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Figure 5-1: A bench-scale forward osmosis system 

5.2.6 Experiment protocol 

FO experiments were conducted in duplicate for 180 minutes. Glycine (3 M), MEA (1 

M), and sodium glycinate (3 M/1.5 M) were used as the draw solution. Treated effluent 

and seawater were used as the feed solution. The initial volumes of the draw solution and 

feed solution are 1 and 2 L. The FO process was evaluated in a co-current mode in two 

membrane orientations, namely, AL-FS and AL-DS configurations. Draw solution 

temperature was controlled at either 25 or 45 °C to investigate the impact of temperature 

on water flux. Feed and draw samples of 30 mL were collected at the beginning and end 

of the experiments for TOC analysis. Water flux, Jw, was calculated as: 

5t t
w

water

M M
J

t A 



  

 (5-1) 

where Mt and Mt-5 are the weights of draw solution at time t min and t-5 min, respectively. 

A is the effective membrane area; ρwater is the density of water; ∆t is the 5 mins.  

Given the constant ratio of carbon for three chemicals, it was possible to use TOC analysis 

to calculate their respective concentrations in the draw solution. The reverse salt flux, Js, 

was calculated by a mass balance calculation as: 
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where C0 and Ct are the concentrations of the draw solute in the feed at the beginning and 

corresponding time t of the experiment, respectively; Vfeed,0 and Vfeed,t are the volumes of 

the feed at the beginning and corresponding time t of the experiment; ∆Vp,t is the volume 

of permeate at time t.  

5.3 Results and discussion 

5.3.1 Properties of amine-based CO2 adsorbents 

5.3.1.1 Conductivity  

Osmotic pressures of the amine-based adsorbents can be further assessed by measuring 

the electrical conductivity as a function of concentration. Conductivities of sodium 

glycinate and NaCl solutions at 1 M were 49.3 and 86.6 mS/cm (Figure 5-2a). Thus, 

despite the non-linear increase in conductivity as a function of concentration, sodium 

glycinate could still be categorized as a strong electrolyte similar to that of NaCl. On the 

other hand, unlike sodium glycinate, conductivities of MEA (1 M) and glycine (1 M) 

were only 0.9 and 0.06 mS/cm (Figure 5-2b-c). Therefore, MEA and glycine could be 

categorized as weak electrolytes.  

As the smallest amino acid, glycine contains a carboxylic group (acidic) and an amine 

group (basic), thus, it can be characterized as a zwitterion. Glycine exists as a neutral 

species at pH 6.4, which results in a low conductivity as observed in this study 

(Supplementary Data Figure S5-1a). MEA is also a neutral species at pH 12 

(Supplementary Data Figure S5-1b). It was noteworthy that electrical conductivity of the 

strong electrolyte sodium glycinate only increased linearly as a function of concentration 

up to 1.5 M.  
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Figure 5-2: Electrical conductivities of the draw solution as a function of concentration 

at 25 °C at unadjusted pH values: (a) NaCl and sodium glycinate, (b) MEA, (c) glycine. 

5.3.1.2 Osmotic pressure  

Osmotic pressures of NaCl, MEA and glycine as a function of molarity in Figure 5-3 

showed that not all amines-based CO2 adsorbents behaved like normal inorganic 

electrolytes. Thus, it is necessary to determine their optimal concentrations as draw 

solution in the FO process. The calculated osmotic pressures of MEA and glycine 

solutions were lower than that of NaCl at the same concentration. Of a particular note, 

the calculated osmotic pressure of the MEA solution increased linearly as a function of 

concentration similar to that of NaCl (Figure 5-3). In other words, MEA behaved similar 

to an inorganic electrolyte. On the other hand, the calculated osmotic pressure of glycine 
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increased linearly as a function of concentration up to 3.3 M. Beyond 3.3 M, further 

increase in glycine concentration did not result in any further increase in the calculated 

osmotic pressure (Figure 5-3). Results from Figure 5-3 suggested that amine-based CO2 

adsorbents can only be used as draw solution within a specific concentration range. It was 

noted that the OLI Stream Analyzer 2.0 software package was not able to simulate the 

osmotic pressure of sodium glycinate.  
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Figure 5-3: Osmotic pressures of NaCl, glycine and MEA solutions as a function of 

concentration at 25 °C (calculated using the OLI Stream Analyzer 2.0 (OLI System Inc., 

Morris Plains, NJ) software package). 

The non-linear relationship between osmotic pressure/solution conductivity and 

concentration in Figure 5-2 and 5-3 suggested that there existed a concentration threshold 

beyond which no further increase in osmotic pressure could be achieved from the CO2 

capture aqueous solution in this study. Based on the data in Figures 5-2 and 5-3, the 

concentrations for sodium glycinate were chosen to be 1.5 and 3 M to investigate whether 

they generated similar osmotic pressures at similar conductivities or not. In addition, the 

maximum concentrations of glycine and MEA in subsequent FO experiments were set at 

3 and 1 M, respectively.  
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5.3.2 Amine-based CO2 adsorbent as draw solute 

Aqueous glycine at 3 M showed the highest water flux among all draw solutes in both 

membrane orientations (Figure 5-4). External concentration polarization was unlikely the 

underlying reason for the observed flux decline given the high cross flow velocity (19.8 

cm/S) over the membrane surface. The observed lower initial flux in an AL-FS 

configuration over in an AL-DS one can be attributed to the initial dilution effect in the 

porous support layer. There is also a trade-off between the dilution and the dilutive ICP 

in an AL-FS configuration, resulting in a small but discernible flux decline (flux in the 

range of 18.6-15.5 L/m2h). By contrast, concentrative ICP in the AL-DS configuration 

amplified this trade-off, leading to a notable flux decline (from 35.4 to 19.2 L/m2h or 45.8% 

flux decline).     

0 20 40 60 80 100 120 140 160 180 200

0

15

30

45

60

0 20 40 60 80 100 120 140 160 180 200

0

15

30

45

60

W
a

te
r 

fl
u
x
 (

L
/m

2
h

)

 Glycine (3 M) Sodium glycinate  (3 M) (1.5 M)   MEA (1 M)  

(a) AL-FS 

(b) AL-DS

Time (min)
 

Figure 5-4: Water flux profile as a function of time using different draw solution in both 

membrane orientations: (a) AL-FS; (b) AL-DS. Treated effluent was used as the FS. 

Glycine, sodium glycinate, and MEA were used as draw solution. Temperatures of feed 

solution and draw solution were maintained at 25 and 45 °C. Error bars represent the 

difference of two replicate measurements.   

In agreement with the conductivity results, negligible flux variation was observed 

between 1.5 M and 3 M sodium glycinate due to their similar osmotic pressures (Figure 
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5-4). Effective osmotic driving force is affected by the draw solution kinetic 

characteristics including diffusivity, viscosity, and reverse salt flux [153]. Viscosity of 

sodium glycinate presented a nonlinear and small rise as a function of concentration [154], 

resulting in a negligible variation in water flux. Interestingly, for sodium glycinate, a 

noticeable flux decline was observed in AL-DS configuration than AL-FS configuration 

at 3 M. The net driving force of forward osmosis is defined as the osmotic pressure 

gradient between feed solution and draw solution. With a larger reverse salt flux of 

sodium glycinate in AL-DS configuration (Figure 5-5), a smaller driving force was 

produced between feed solution and draw solution. Consequently, a more severe flux 

decline was observed in AL-DS configuration than that for the AL-FS configuration.    

As an amino acid salt, sodium glycinate exhibited a noticeably lower water flux than 

glycine (amino acid) at the same concentration (3 M), which related to the less effective 

osmotic pressure (Figure 5-4). Although effective osmotic pressure is influenced by the 

accumulation of back diffusion draw solution in feed as a function of time, the reason for 

the contrast of initial osmotic pressure between sodium glycinate and glycine is still 

unclear. Since the osmotic pressure of sodium glycinate is not available in OLI Stream 

Analyzer 2.0, further research is needed for explaining the difference of osmotic potential 

for amino acid and amino acid salt in the same concentration.  

Negligible water permeations were observed in both membrane orientations when MEA 

(1 M) was used as the draw solution in Figure 5-4. According to Figure 5-3, the calculated 

osmotic pressure of MEA at 1 M (24.7 bar) was close to that of NaCl at 0.5 M (23.1 bar). 

In our previous study [86], 0.5 M NaCl could produce approximately 12-14 L/m2h water 

flux when DI water was used as the feed solution. Regarding less organic matters in DI 

water than that in treated effluent, lower water flux other than no water flux was expected 

when using 1 M MEA, which was contradictory to the simulation results (Figure 5-3). 

Results from Figure 5-4 suggest that MEA at 1 M was not able to generate adequate 

osmotic pressure to extract sufficient water from treated effluent in either membrane 

orientation. MEA in the range of 20-30 wt. % (corresponding to 4-5 mol/L) aqueous 

solution is normally employed in the post-combustion CO2 capture. A sufficient water 

flux may be expected with a higher concentration of MEA [113].  
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5.3.3 Reverse diffusion of amine-based CO2 adsorbent   

The reverse salt fluxes of draw solution are shown in Figure 5-5. The reverse salt flux 

typically increases proportionally with the increasing water flux. However, with the 

highest water flux (Figure 5-5), glycine showed the lowest reverse salt flux among all 

draw solutions in both membrane orientations. In the osmotic driven membrane process, 

reverse salt flux is substantially affected by the diffusivity of draw solution. In other 

words, a lower reverse salt flux can be achieved for the draw solution with a smaller 

diffusivity coefficient. For instance, the diffusion coefficient of glycine (1.30  10-9 m2/s 

at 45 °C) [155] is smallest among all the draw solution, followed by MEA (1.59  10-9 

m2/s at 45 °C) [146] and sodium glycinate. The diffusion coefficient of sodium glycinate 

is estimated to be similar like that of potassium glycinate (1.68  10-9 m2/s at 45 °C) due 

to the similar physico-chemical property [147]. Thus, the reverse salt fluxes of glycine (3 

M) at AL-FS and AL-DS configuration (11.61 g/m2h; 20.61 g/m2h) were remarkably 

lower than those of sodium glycinate at the respective configurations (AL-FS: 65.97 

g/m2h; AL-DS: 77.40 g/m2h).  
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Figure 5-5: Reverse salt fluxes and specific reverse salt fluxes of different draw solution 

in two membrane orientations. Treated effluent was used as the feed solution. Glycine, 

sodium glycinate, and MEA were used as draw solution. AL-FS and AL-DS membrane 

orientations were applied. Error bars represent the difference of two replicate 

measurements.  
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The reverse diffusion of glycine was dependent on the back diffusion since glycine 

existed as neutral species at experimental pH (Supplementary Data Figure S5-1a). 

Besides the natural back-diffusion phenomenon, electrostatic interaction enhanced the 

reverse diffusion of MEA and sodium glycinate. For example, the dissociation of MEA 

resulted in its conjugate acid, ethanolammonium ion, and hydroxyl ion. Transfer of 

hydroxyl ion led to the corresponding increase from pH 6 to 10.5 in feed solution 

(Supplementary Data Figure S5-2), which therefore facilitated ethanolammonium ion 

reversely diffused to reach electroneutrality (Supplementary Data Figure S5-1b). As a 

result, reverse salt flux of MEA was higher than that of glycine. On the other hand, MEA 

exhibited a high reverse salt flux in contrast to the low water permeation that it generated. 

Back diffusion of MEA possibly accounted for the dominant mass transfer process other 

than water transfer owing to the lack of osmotic driving force.  

In general, most amine-based adsorbents displayed the higher reverse salt fluxes in an 

AL-DS configuration than that in an AL-FS configuration (Figure 5-5), which can be 

attributed to the higher water flux in the AL-DS configuration (as previously shown in 

Figure 5-4). Of a particular note, due to the larger difference of reverse salt flux for 1.5 

M sodium glycinate, a larger osmotic gradient difference between two configurations was 

generated than for 3M sodium glycinate (Supplementary Data Table S5-1). There is, 

however, a notable exception when MEA was used as the draw solution. MEA as the 

draw solution generated a very small water flux (Figure 5-5). In addition, in the AL-DS 

configuration, to the diffusion of MEA through the membrane is expected to be lower 

than in the AL-FS configuration.   

In order to choose a suitable draw solution for simultaneous CO2 capture and cooling, 

several criteria need to be satisfied. Firstly, it is able to show a good capability of reacting 

with CO2. Secondly, it can generate a high osmotic pressure to ascertain the adequate 

water transfer. Thirdly, it should have a low reverse salt flux to avoid additional cost by 

adding supplement of draw solution.  

Specific reverse salt flux (SRSF) is the ratio of the average reverse salt flux and water 

flux (Js/Jw), which indicates the mass loss of draw solution per unit of water transport 

(Figure 5-5). Glycine showed the lowest SRSF than the other amine-based solvents in 

both membrane orientations, which were lower than 1 g/L. On the other hand, due to the 

low water flux and high reverse salt flux, SRSF of sodium glycinate and MEA were 
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considerably larger than 1 g/L. Of a particular note, sodium glycinate (3 M) showed a 

larger SRSF in AL-FS than AL-DS configuration, which was due to both the smaller 

water flux and reverse salt flux in an AL-FS configuration. A draw solution with a low 

SRSF leads to a small accumulation of draw solution in the feed, resulting in a larger 

osmotic gradient between draw solution and feed solution. Thus, glycine appears to 

benefit the FO performance in terms of the trade-off between water flux and reverse salt 

flux. Further analysis focused on the parameters affecting FO performance when glycine 

was used the draw solution.     

5.3.4 Effects of operating conditions on water flux 

5.3.4.1 Temperature gradient   

The effect of temperature gradient is depicted in Figure 5-6. As shown in Figure 5-6(a), 

AL-DS configuration presented a more noticeable flux decline than that in AL-FS 

configuration. A gradual flux decline from 29 to 15 L/m2h was observed for the AL-DS 

configuration, in contrast to a stable flux in the range of 20-23 L/m2h for AL-FS 

configuration. As previously mentioned in section 5.3.2, effect of external concentration 

polarisation was negligible due to the high cross flow rate over the membrane surface. 

ICP appeared to be a major factor influencing the water flux [153]. At first, a higher water 

flux was driven by the larger osmotic pressure between feed solution and draw solution 

in AL-DS configuration without glycine permeation in the feed solution. However, the 

AL-DS also resulted in a higher reverse salt flux (Figure 5-6). The back diffusion of 

glycine into the feed solution as a function of time led to a gradual increase in osmotic 

pressure in the feed (hence a lower driving force) and exacerbated the concentrative ICP 

in the porous support layer. 
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Figure 5-6: FO performance in two membrane orientations. (a) Temperatures of draw 

solution/feed solution (DS/FS) were maintained at 25 °C/25 °C; (b) Temperatures of 

DS/FS were maintained at 45 °C/25 °C. Glycine was used as the DS and treated effluent 

was used as the FS. Two membrane orientations: AL-FS and AL-DS were applied. All 

the experiments were conducted in duplicate.  

Temperature increase in the draw solution enhanced the impact of membrane orientation 

in terms of water flux (Figure 5-6b). The contrast in terms of flux was more obvious as 

the draw solution temperature increased. A higher flux (35-19 L/m2h) was observed in 

AL-DS configuration than that (18-17 L/m2h) in AL-FS configuration. The enhanced flux 

in AL-DS configuration was likely due to the changing thermodynamic properties of 

glycine (i.e. osmotic pressure, diffusion coefficient, and viscosity) [156]. On the other 

hand, a larger diffusion coefficient would lead to the less concentrative ICP and the higher 

water flux. It was noteworthy that a lower water flux in AL-FS configuration was 

observed as temperature increased. Temperature enhancement resulted in the increase of 

reverse diffusion of glycine, and thus a less effective osmotic gradient (Supplementary 

Data Figure S5-3). The loss of effective osmotic gradient cannot be compensated by the 

growth of osmotic pressure caused by the temperature increase. This phenomenon 

contributed to a lower water flux in an AL-FS configuration. In general, these results 

suggested that more water was able to be transferred from treated effluent at higher 

temperature, in other words, heated CO2 lean solution could be directly used as draw 



81 

 

solution. However, increased temperature enhanced the reverse diffusion of glycine in 

both membrane orientations, leading to the growing supplement of draw solute 

(Supplementary Data Figure S5-3).  

5.3.4.2 Feed solution matrix 

Glycine generated higher water fluxes from treated effluent than seawater in both 

membrane orientations (Figure 5-7). The osmotic pressure of seawater was 28.1 bar 

similar to the osmotic pressure of 0.6 M NaCl [157]. While, osmotic pressure of treated 

effluent was close to that of DI water due to the minimal presence of salts. Considering 

that osmotic gradient is the main driving force in FO, the difference between glycine (3 

M) and treated effluent was larger than that between glycine and seawater. Thus, more 

water was able to be transferred from treated effluent than seawater in both membrane 

orientations.  
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Figure 5-7: Comparison in water flux when using seawater or treated effluent as the FS 

in two membrane orientations. Glycine (3 M) was used as the DS. Temperatures of FS 

and DS were maintained at 25 and 45 °C. Two membrane orientations: AL-FS and AL-

DS were applied. All experiments were conducted in duplicate and error bars represent 

the difference of two replicate measurements.  

On the other hand, compared to the treated effluent, when seawater was used as the feed 

solution, the sharp contrast of water flux in the different membrane orientation was not 
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observed. Because less permeating water from seawater diluted the draw solution to a 

smaller extent, leading to a smaller ICP. Thus, the water fluxes in both membrane 

orientations were close due to the similar overall driving force. Despite of the lower water 

flux, seawater could also be as an alternative cooling source and desalinated 

simultaneously.    

5.4 Conclusions 

This chapter lays the groundwork for future research into a potential replacement of trim 

cooler by FO in post-combustion CO2 capture. Conductivities of three amine-based draw 

solution in this study showed a non-linear relationship with concentration, indicating an 

osmotic pressure threshold in the FO process. Compared to sodium glycinate and MEA, 

glycine was identified as the most suitable draw solution with the highest water flux, 

lowest reverse salt flux and SRSF. Of a particular note, glycine showed a higher water 

flux but with more significant flux decline in the AL-DS configuration compared to the 

AL-FS configuration. The observed effect of membrane orientation on water flux and 

flux profile by glycine as the draw solution is possibly due to the higher osmotic pressure 

in AL-DS configuration and more severe concentrative ICP due to the slow back diffusion 

of glycine, respectively. In addition, temperature increase (from 25 to 45 °C) enhanced 

the water flux in AL-DS configuration other than AL-FS configuration due to effects of 

change in thermodynamic properties of glycine and more severe dilutive ICP. Results in 

this chapter demonstrated that heated and CO2 lean amine solution could be directly used 

as the draw solution. Furthermore, glycine at 3 M could be used for extracting water from 

seawater and it therefore provided an alternative for simultaneous cooling and provision 

of make-up water. These results are promising but also highlight the need for more 

research work to realize a practical application of FO for CO2 capture from power plant 

flue gas.
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Chapter 6 Low-temperature stripping of CO2 from aqueous 

amine-based solvents via integrated direct contact 

membrane distillation-forward osmosis 

This thesis chapter has been submitted for a possible publication as the following journal 

article. 

L. Zheng, K.K. Li, Q.L. Wang, G. Naidu, W.E. Price, X.W. Zhang, and L.D. Nghiem, Low-

temperature stripping of CO2 from aqueous amine-based solvents via integrated direct 

contact membrane distillation-forward osmosis, Journal of Membrane Science, 

Submitted.  

6.1 Introduction  

Results from Chapter 5 demonstrated that a FO system could cool down the heated CO2-

lean solution and produce the make-up water from non-potable water simultaneously. 

Apart from reducing freshwater consumption in cooling process, how to minimise the 

energy requirement in regeneration maintains the one of the biggest challenges for CO2 

capture. In addition, solvent regeneration requires 70-80% of the overall operational costs 

[158, 159]. High regeneration temperature resulted in inevitable thermal degradation and 

volatile loss of solvents [160].  

MEA has been considered as the benchmark in amine-based CO2 capture due to its several 

outstanding features: large absorption capacity at low pressure (atmospheric pressure), 

fast reaction rate and high mass transfer. Apart from MEA, amino acid salts have also 

gained much attention because of their greater resistance to oxidative degradation and 

lower toxicity than MEA [161, 162]. They both have an amine group and an acidic 

carboxylic acid group, which can be protonated, neutral, or deprotonated as a function of 

pH [102]. Zwitterionic mechanism is therefore considered as the most possible chemical 

reaction between CO2 and solvents [100, 163]. In this mechanism, a primary or secondary 

amino group of amines firstly reacts with CO2 to form a zwitterion (equation i). The base 

(i.e. amine, OH-, or H2O) immediately neutralize the intermediate to form a carbamate 
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(equation ii). These carbamates can be thermally driven back to amine and CO2 due to 

the exothermic reaction.  

��� + ���� ↔ ����
�����        (i) 

RN��
����� + ����  ↔ ������� + ����

�     (ii) 

Currently, amines are regenerated by stripping with water vapor at high temperature (100 

to 120 ºC), which requires 70-80% of the overall operational costs [17, 158, 159]. In 

addition, high stripping temperature resulted in the inevitable thermal degradation and 

volatile loss of solvents [160]. A number of approaches hence focused on the solvent 

modification with promoters [101, 164], efficient gas-liquid contactors [165, 166], 

microwave swing regeneration [167, 168] and electrochemically mediated amine 

regeneration [169, 170]. However, despite of their potentials regarding energy reduction, 

a long way still toward their full scale employment for CO2 capture. In addition, the 

massive freshwater consumption for the trim cooler has also restricted the construction 

of inland CO2 capture plant. Consequently, it is aimed to minimise the energy requirement 

in CO2 desorption and freshwater consumption during cooling process for further 

development in CO2 capture. 

Several aspects of these processes are able to resolve the crucial dilemmas in CO2 

desorption process. The first one is that how to reduce CO2 desorption temperature by 

utilizing the massive amount of low-grade waste heat. US thermal power plants 

discharged 18.9 billion GJth waste heat with weighted average temperature 88.6 °C in 

2012 [171]. The proportion of waste heat was approximately 68% of total energy. These 

abundant waste heat can provide the sufficient energy for CO2 desorption at low 

temperature. Novek et al., [172] found that the CO2 desorption efficiency of ammonium 

bicarbonate with acetaldehyde could achieve 86.5% at 68 °C. Lai et al., [101] observed 

that addition of alcohol significantly improved the CO2 desorption at 75 °C, which was 

also a promising method to realize exploitation of waste heat.   

Furthermore, the second dilemma is to facilitate the CO2 desorption rate especially at low 

temperature. It is reported that H2O reduction in CO2 capture system can improve CO2 

desorption rate. Either replacing H2O with solvent or reducing H2O in amine may 

therefore enhance CO2 desorption. Lin et al., [173] lowered the H2O proportion by adding 

methanol into the blend amine system. The result showed that the cyclic loading of 
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diethylenetriamine/piperazine/methanol/water mixed solvent at 80 ºC was 67% higher 

than that of MEA at 120 ºC. Similarly, the study of Lai et al., [101] also proved that 

alcohol-amine-water mixed solvent was better than the single amine solvent in terms of 

CO2 desorption rate. 40 wt% ethanol addition in 20 wt% MEA solvent significantly 

enhanced the CO2 desorption rate from 0.021 to 0.137 mmol/s. By forming the vulnerable 

functional group C2H5OCO2
- instead of HCO3

-, ethanol could shrink the dielectric 

constant of the solvent and be able to release acidic CO2 at low temperature [174]. Despite 

of these favourable results from adjustment of H2O proportion in amine solvent, how to 

effectively reduce H2O in amine solvent is still a challenge.       

Direct contact membrane distillation (DCMD) appears to simultaneously solve above two 

dilemmas. First of all, compared to the conventional hydraulic driven membrane process 

(nanofiltration and reverse osmosis), DCMD is a thermally driven separation process that 

employs the vapour pressure as the driving force caused by temperature difference 

between the feed and distillate side [175]. It is not necessary to heat up the solution to its 

boiling point in DCMD, which possibly realizes either the utilization of low-grade waste 

heat from power plants for heating solution or direct application of regenerated amine 

solvent after heat exchanger (temperature 70-80 ºC) as the feed. In addition, for the second 

dilemma, H2O in amine solvent keeps decreasing since only vapour molecules (i.e. water 

vapour and gaseous CO2) are able to diffuse through the hydrophobic membrane in 

DCMD. As a result, it is beneficial for accelerating CO2 desorption rate to achieve 

environmentally benign and cost-saving amine regeneration. DCMD has been used for 

ammonia regeneration at the low temperature [172, 176]. Of a particular note, previous 

studies have proved the feasibility of low-temperature driven CO2 desorption in amine 

and amino acid salt by the hollow fibre membrane contactor [168, 177, 178]. However, 

the feasibility for the low-temperature (especially < 80 °C) driven DCMD for CO2 

desorption still needs further investigations. 

In addition to our previous study [179], which demonstrated that a forward osmosis (FO) 

system could cool down the regenerated amine solvent and produce the make-up water 

from non-potable water simultaneously. As another emerging membrane process, FO 

uses osmotic difference rather than temperature difference as the driving force to produce 

clean water. Thus, this chapter proposes an integrated DCMD-FO system (Figure 6-1) for 

two purposes: (1) CO2 desorption at low temperature; (2) simultaneous cooling and make-
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up water production for solvents after desorption. The primary objectives of this study 

are to extend the previous theoretical framework and to evaluate the effect of membrane 

material and solvent type on the system performance. This study not only aims to provide 

a low-temperature desorption method for amine-based solvent, but also highlight the 

sustainable CO2 capture process via using wastewater or waste heat.    

 

Figure 6-1: Schematic diagram of integrated DCMD-FO system for CO2 capture.  

6.2 Materials and methods  

6.2.1 Membranes and chemicals 

Two commercially available flat-sheet hydrophobic polytetrafluoroethylene (PTFE) 

membranes were used for the DCMD process. Their origins and key properties are 

presented in Table 6-1. A flat-sheet hydrophilic cellulose acetate (CTA) membrane (Fluid 

Technology, US) was used for FO process. This CTA membrane consists of a cellulose 

triacetate active layer and an embedded woven support layer. The operational ranges of 

pH of these membranes are between 3 and 13, which cover the pH range of the amine 

solution before and after CO2 adsorption. 

Reagent grade MEA, glycine and sodium hydroxide were from Sigma-Aldrich. Sodium 

glycinate was prepared by mixing glycine with an equal molar ratio between glycine and 

sodium hydroxide in deionised (DI) water. Instrument grade (>99.8% purity) CO2 and N2 

gases were from Coregas Australia and stored in pressurised cylinders. 
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Table 6-1: Specifications of hydrophobic membranes used in this study. 

Membrane Supplier Thickness 
(μm) 

Porosity 
(%) 

Pore size 
(μm) 

1 General Electric (US) 179 75 0.22 
2 Porous Membrane 

Technology (China) 
60 80 0.2 

6.2.2 Feed solution for DCMD and FO 

CO2 and N2 gases were mixed together using Bronkhorst mass flow controllers to obtain 

a CO2:N2 gas of 1:9 in the volume ratio to simulate the composition of flue gas. Simulated 

flue gas was constantly bubbled into the 5 L of MEA (5 M) or sodium glycinate (3 M) 

solution in the wetted-wall column at a flow rate of 1.1 L/min at 40 °C controlled by a 

water bath. Gaseous CO2 concentration was analysed by a gas analyser (Horiba, VA-3000) 

with the analytical range of 0-10 vol% every 15 s. The CO2 rich solution was considered 

fully loaded when CO2 concentration in the outlet was the same as in the inlet. These CO2 

rich-loaded solutions were used as the feed solution for DCMD experiment.  

CO2 rich-loaded solutions became CO2 lean-loaded solution after CO2 desorption in the 

DCMD experiment and CO2 lean-loaded solutions were used as the draw solution in FO 

process. Treated effluent from a membrane bioreactor [180] was used as the feed solution 

in FO process. The conductivity and total organic carbon (TOC) of this treated effluent 

was 5 mS/cm and 7 mg/L. DI water was used as the feed solution in the baseline test with 

the same draw solution for treated effluent.  

6.2.3 DCMD for CO2 desorption and FO for water supplement 

The CO2 desorption experiments for CO2 rich-loaded solution were performed using a 

lab-scale DCMD system described in Figure 6-2a. The membrane module was in the 

plate-and-frame configuration with the effective membrane area 17.5 cm2. Feed solution 

(0.5 L) and distillate (2 L) were circulated counter-currently by two gear pumps (Cole 

Parmer, model 75211-15, US) at the flow rate of 1.0 L/min (corresponding to 36.2 cm/s). 

In all experiments, the CO2 rich-loaded feed solution was placed in a jacketed vessel 

coupled with a temperature control system (Thermoline, model BL-30, Australia) and 

maintained at 80 ± 2 °C. The distillate was maintained at the 25 ± 2 °C using another 

temperature control system (Thermoline, model BL-30, Australia). Temperatures at the 

inlet and outlet of feed solution and distillate flow channels were recorded by the 

temperature sensors (Vernier LabQuest 2, US).  
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 Figure 6-2. Schematic diagram of experimental apparatus for CO2 desorption and water 

supplement: (a) a lab-scale DCMD system; (b) a lab-scale FO system. 

The distillate reservoir vessel was placed on a digital balance (Adam, model PGL 8001, 

Australia) and weight change was recorded every 3 min and transferred to a data logger. 

Preliminary experiments showed that CO2 desorption stopped at water recovery of 30% 

or more. Samples (2 mL) from the feed solution were collected at 10, 20, and 30% water 

recovery to monitor the CO2 desorption performance as a function of water recovery. 

Feed and distillate samples (50 mL) were also taken at the beginning and end of each 

experiment for other analyses. At the conclusion of the CO2 desorption experiments, the 

feed solutions of the DCMD process were then used as the draw solution in the subsequent 

FO experiments. After the CO2 desorption experiment, the experimental equipment was 
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rearranged into an FO system. The same membrane cell was used for the FO system to 

provide make up water and cooling to the CO2 lean-loaded solution (i.e. the regenerated 

amine solution) as described in Figure 6-2b. Draw solution (0.35 L) and feed solution (2 

L) were circulated counter-currently. The feed solution reservoir was placed on the digital 

balance for monitoring the water flux. It is assumed that amine loss during CO2 desorption 

did not occur. Thus, each experiment was conducted until the amine solution returned to 

the initial volume of 0.5 L just before CO2 desorption. In other words, the volume of 

water permeated through the membrane to the CO2 lean-loaded solution was the same as 

the volume of clean water produced by DCMD during CO2 desorption. Feed solution and 

draw solution samples (50 mL) were taken at the beginning and end of each experiment 

for analysis. All DCMD and FO experiments were conducted in duplicate. The results are 

reported as geometric mean and standard deviation.  

6.2.4 Measurement and analysis  

6.2.4.1 Contact angle measurement  

Membrane surface hydrophobicity was determined by contact angle measurement using 

a goniometer (model: Theta Lite 100, Biolin Scientific, Sweden) and the standard sessile 

drop method. Five measurements using DI water (5-8 μL) as the reference liquid were 

conducted at different locations on the membrane surface. Membrane samples were air-

dried before contact angle measurement.   

6.2.4.2 Solution chemistry characterization  

The chemical property of liquid sample (1 μL) was analysed by a Fourier transform 

infrared (FTIR) spectroscopy (model: IRAffinity-1, Shimadzu, Japan) equipped with a 

single reflection attenuated total reflectance (MIRacle 10, Shimadzu, Japan). Absorbance 

from wavelength 400 to 4000 cm-1 of each sample displayed the corresponding spectra at 

4 cm-1 resolution. TOC analysis was operated by sparging Non-Purgeable Organic 

Carbon using a TOC analyser (Analytik Jena Multi N/C 3100, Jena, Germany).  

6.2.4.3 Water flux and reverse salt flux 

Water flux (Jw) is an important performance indicator of membrane process, which can 

be calculated as follow:  
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A
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
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where Mt1 and Mt2 are the weights of distillate (DCMD)/feed solution (FO) at time t1 and 

t2, respectively. ∆t is 3 min; A is the effective membrane area; and ρ is water density.  

Due to the constant ratio of carbon for MEA and sodium glycinate, it was possible to 

carry out TOC analysis to analyse their respective concentration in the solution sample. 

Reverse salt flux (Js) indicates the mass diffusion from draw solution to feed solution, 

which can be calculated based on the mass balance calculation as follow: 

, 0 ,0(C V V )t feed t feed

s

C
J

A t

  



 (6-2) 

, ,0 ,feed t feed p tV V V   (6-3) 

where Vfeed,0 and Vfeed,t are the volumes of the feed at the beginning and corresponding 

time t of the experiment; C0 and Ct are the concentrations of draw solution in the feed at 

the beginning and corresponding time t of the experiment, respectively; ∆Vp,t is the 

volume of distillate at time t. The solvent rejection by DCMD is calculated based on 

dilution factor (DF=Vdraw/∆Vp,t) as follow: 
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Water extraction rate, Rw, or the water recovery of MD/FO experiment is calculated as 

below: 
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6.2.4.4  CO2 loading ratio analysis 

The CO2 loading ratio (α) values after sorption and desorption were determined by the 

excessive acid method [181]. By adding an excess amount of strong acid (i.e. 2 mol/L 

H2SO4) to the liquid sample, CO2 in the liquid sample was released into the gas phase and 

precisely measured by the variable volume in a burette. 
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where V���
 denotes the measured volume of released CO2 from the sample, mL; VL 

represents sample volume, mL; m denotes the molar concentration of sample, mol/L; P/P0 

stands for the ratio between room atmospheric pressure and standard atmospheric 

pressure; t is the room temperature, K. In addition, the accuracy of this method was well 

testified by using different concentration of sodium carbonate (0.5, 1, and 2 mol/L) 

aqueous solutions. 

CO2 desorption efficiency, ρ, is obtained following below equation:  

(%) (1 ) 100f

i





    (6-7) 

where αi and αf represent initial and final loading of CO2 rich-loaded and lean-loaded 

amine solutions. On the other hand, regeneration efficiency, η, is used to compare the 

loading of regenerated solution (αr) to that of initial CO2 rich-loaded solution (αi).  
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6.3 Results and discussions  

6.3.1 DCMD performance for CO2 desorption   

6.3.1.1 CO2 loading   

The CO2 loading ratios for MEA and sodium glycinate were 0.54 and 0.59 mol/mol. 

These results are consistent with our previous studies and the literatures [182-184]. CO2 

desorption by DCMD was validated by monitoring the CO2 content of the feed solution. 

Figure 6-3 shows 32.8 and 32.4% CO2 desorption efficiencies for MEA using membrane 

1 and 2, respectively. The faster desorption rate was observed for MEA until 20% water 

recovery and the desorption rate became gradually slow even stopped until 30% water 

recovery. In the current state of the art MEA-based CO2 capture process, a higher CO2 

desorption efficiency can be achieved but only at much higher temperature (ca. 120 °C) 

since CO2 desorption is a thermal process and thus is sensitive to temperature.  

Desorption of CO2 rich-loaded MEA could be divided into two stages (fast and slow) in 

terms of desorption rate. At the fast desorption stage, namely prior to 20% water recovery 

with high CO2 loading, some HCO3
- or CO3

2- released CO2 quickly via thermolysis. On 

the other hand, carbamate was formed via a reaction between other HCO3
- or CO3

2- and 
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MEAH+. After the first stage, fresh formed carbamate reacted with abundant H+ to 

regenerate MEA and release CO2 at a slower rate. The temperature used in our study was 

far lower than in the conventional amine-based CO2 capture process, thus, the desorption 

rate was slow. On the other hand, even in the conventional process, some researchers have 

detected the peak of carbamate in the solution after desorption, which suggested that the 

regeneration of MEA was incomplete [100].  
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Figure 6-3: CO2 desorption of CO2 rich-loaded solvent by using DCMD with two types 

of membranes. Experimental conditions: DI water was used as the distillate. MEA (5 M) 

and sodium glycinate (SG, 3 M) were used as the feed. The temperatures for feed solution 

and distillate were 80 °C and 25 °C, respectively. All experiments were conducted in 

duplicate and until 30% water recovery (maximum CO2 desorption). The error bars 

represent the difference between two replicate experiments.   

CO2 desorption can be also assessed by examining the corresponding pH value of the 

amine solution. In this study, the pH value of CO2 rich-loaded MEA was 8.5 and pH 

increased to 10.7 after desorption (for both membranes). The pH of solution after 

desorption did not reach the initial value of fresh MEA (12.6), which indicated MEA was 

not able to be completely regenerated under current experimental condition. Previous 

works have also reported that CO2-saturated MEA solution achieved similar desorption 
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efficiency (32%) at 120 °C or even higher temperature under atmospheric pressure [100, 

185].  

A small but nevertheless important variations of CO2 loading for sodium glycinate were 

observed between two membranes (Figure 6-3). Membrane 1 and 2 showed CO2 

desorption efficiency 31.8% and 34.6%, respectively. Similar to the observation in MEA, 

the CO2 loading declined significantly prior to 20% water recovery (stage 1) and reached 

a stable loading between 20-30% water recovery (stage 2). In addition, membrane 1 

showed a slightly faster desorption rate than that of membrane 2 in the first stage. It is 

postulated that functional groups on membrane 1 might accelerate the decomposition of 

bicarbonate and carbamate, which released CO2 quickly. However, as an unhindered 

primary amine like MEA, sodium glycinate formed a stable intermediate via reaction with 

CO2 because of the weaker resisting power from hydrogen atom [186]. Thus, more 

thermal energy is required for splitting N-C bond to release CO2 from intermediates, 

which impeded CO2 desorption for two membranes after 20% water recovery. 

6.3.1.2 Wettability behaviour   

The relative wettability of membrane is determined by its hydrophobicity quantified by 

the contact angle measurement. There was the negligible change of hydrophobicity for 

membrane 1 after desorption experiment using sodium glycinate as the adsorbent (Figure 

6-4). However, MEA resulted in the hydrophobicity decline from 126.5º to 94.7º in 

membrane 1. Hydrophilic functional groups (i.e. amides) were likely formed by the 

interaction between the MEA molecules and membrane polymer, thus reducing the 

membrane hydrophobicity [187]. In addition, these hydrophilic functional groups reduced 

surface roughness of membrane 1 and also contributed to its rising hydrophilicity. As a 

result, a partial membrane wetting occurred during the CO2 desorption using MEA as the 

adsorbent.  
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Figure 6-4: Contact angles of membranes before and after DCMD process. Error bars 

represent the standard deviation of five repetitive measurements 

Interestingly, despite of the initially low hydrophobicity, contact angle of membrane 2 

increased by 31% after the desorption experiment using MEA as the adsorbent (Figure 6-

4). This improvement was possibly due to the membrane swelling caused by the MEA 

penetration [170]. In addition, membrane swelling resulted in an increasing surface 

roughness, which was also beneficial for preventing mass transfer of aqueous solution. 

However, the wettability of membrane 2 should be further validated by other 

measurements, for example, liquid entry pressure measurement. Sodium glycinate can 

potentially behave like a surfactant given its molecular structure. Nevertheless, membrane 

2 showed a negligible decrease in hydrophobicity after CO2 desorption when sodium 

glycinate was used as the adsorbent. Results in Figure 6-4 suggest that both membranes 

were sustainable for DCMD operation to regenerate amine solution since the membrane 

surface remained hydrophobic after CO2 desorption.  

6.3.1.3 Water reduction in amine by DCMD  

CO2 desorption rate can be facilitated by the water reduction in amine solvent. Water 

reduction can be represented by the water production in distillate side in terms of water 

flux in DCMD.  Water fluxes during the CO2 desorption experiment when MEA was used 

as the adsorbent are reported in Figure 6-5a. Membrane 1 had an initial flux of 21.2 L/m2h, 

which was only stable flux for the initial 100 minutes of the desorption experiment. Flux 
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started to decline since partial wetting occurred and reached 52.3% reduction at the end 

of process. By contrast, although with a lower initial flux than membrane 1, membrane 2 

showed a stable water flux throughout the desorption experiment.  
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Figure 6-5:  Water flux in DCMD during CO2 desorption using different adsorbent: (a) 

MEA  and (b) SG. Experimental conditions are described in Figure 6-3.  

It is well-established that membrane thickness plays a significant role in DCMD due to 

the inversely proportional relationship between the membrane thickness and water flux. 

A thicker membrane is assumed to demonstrate a lower water flux because of the 

increasing heat loss and mass transfer resistance [175]. As reported in the section 2.1.1, 

membrane 1 was thicker than membrane 2 whereas outperformed a higher water flux 

before it became partially wetted. This observation was possibly due to the different 

hydrophobicity between two neat membranes (Figure 6-4). As two membranes displayed 

opposite changes of hydrophobicity after CO2 desorption, namely membrane 1 became 

hydrophilic and membrane 2 converted more hydrophobic, the flux variations between 

two membranes diminished until the end of process. Hydrophobicity appeared to be a 

determined factor for water flux in DCMD for MEA regeneration. Despite of the variation 

in flux decline, both membranes showed the high solvents rejection (over 98%) 

(Supplementary data Figure. S6-1).  
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When sodium glycinate was used as the adsorbent, water flux decline was more 

significant compared to MEA and was observed with both membranes. Both membranes 

showed the similar initial fluxes in Figure 6-5b. However, their hydrophobicity difference 

could contribute to the corresponding flux decline of 31.6% for membrane 1 and 63.2 % 

for membrane 2. As discussed in section 3.1.2, contacting with sodium glycinate had the 

negligible effect on the hydrophobicity of each membrane. Nevertheless, increasing feed 

concentration resulted in the growth of sodium glycinate viscosity [188] and decrease of 

water activity, which led to a lower water vapour pressure and the further flux decline. In 

addition, the effects of concentration polarisation and temperature polarisation were 

expected to be enhanced by the increasing feed salinity and feed viscosity simultaneously.  

The stable hydrophobicity of both membranes provided an efficient layer between 

membrane surface and solution. This could prevent the penetration of sodium glycinate 

through membrane pore into distillate, thus avoiding deteriorated distillate quality. High 

solute (amine) rejection values (supplementary data Figure S6-1) were observed for both 

membranes, which indicated the membrane pores were not completely wetted during the 

process. In general, the high rejections of MEA and sodium glycinate by DCMD were 

particularly advantageous for avoiding amine loss during the CO2 desorption.  

6.3.1.4 Amine loss in the DCMD distillate 

FTIR is a reliable analytical technique to monitor the chemical reaction due to the 

measurable change of a molecule’s dipole moment in the mid-IR region (400 - 4000 cm-

1). It is to be noted that peaks appeared between 3000 and 4000 cm-1 provided information 

unrelated with chemical reaction between CO2 and amine. This is because that hydrogen 

bonding and O-H stretching of H2O resulted in some broad peaks between 3200 and 3700 

cm-1. In addition, other chemical bonds (i.e. N-H, C-H, and O-H) stretching also resulted 

in the particular peaks in this wide region. Thus, this region is known as “the hydrogen 

stretching region”, which is not included in our further discussion.  
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Figure 6-6: Infrared spectra of the aqueous 30 wt % MEA (black line), feed solution: 

aqueous MEA at 0.59 mol/mol CO2 loading (red line), distillate from the DCMD process 

(blue line), DI water as the reference (green line). 

The infrared spectra of aqueous MEA prior to/after CO2 absorption are given in Figure 

6-6. Several characteristic vibration modes appeared prior to CO2 absorption, for example, 

C-N-H out-of-plane wagging and C-NH2 twisting at 950 cm-1, C-O stretching at 1016 cm-

1, and C-N stretching at 1076 cm-1, and N-H rocking at 1645 cm-1 [189]. After molecular 

CO2 dissolving into MEA, several peaks shifted due to the protonation of the MEA and 

formation of carbamate and bicarbonate. Specifically, N-COO- stretching vibration was 

observed at 1319 cm-1. COO- symmetric and asymmetric stretching occurred at 1486 and 

1568 cm-1, respectively [189, 190]. As reported by Richner and Puxty [189], the variation 

in peak intensity was indicated by the difference of CO2 loading in aqueous MEA. 

Shifting peaks was therefore not expected to occur after desorption.    

6.3.2 Make-up water production in FO performance  

Make-up water productions from regenerated MEA and sodium glycinate are compared 

in the Figure 6-7. DI water was used as the feed solution to provide the baseline test for 

each solvent. Due to a larger osmotic pressure, the average water flux of MEA (27 L/m2h) 

was approximately 50% more than that of sodium glycinate (14 L/m2h). However, MEA 

displayed a sharper decline in water flux than that of sodium glycinate. It was due to a 

larger osmotic gradient reduction caused by the higher reverse salt flux (supplementary 
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data Figure S6-2). As MEA back-diffusing into DI water, a notable flux decline was 

observed in Figure 6-7a possibly due to the development of concentrative ICP in the 

porous support layer [153]. In addition, water permeation from feed solution to draw 

solution had a considerable dilutive effect on these highly concentrated MEA. It is also 

noted that the effect of dilutive ECP can be alleviated by a high cross flow velocity or 

appropriate membrane spacer. The reverse salt flux of sodium glycinate was negligible. 

Thus, sodium glycinate as the adsorbent and draw solute resulted in a stable water flux 

throughout the experiment (Figure 6-7b).  
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Figure 6-7: Water flux profile for regenerated solvents versus DI water and treated 

effluent. Feed solution and draw solution were circulated in the counter-current direction. 

Temperature of feed solution and draw solution were maintained at 25 and 45 °C. 

Replicate experiments were conducted in AL-DS membrane orientation until 30% water 

recovery.  

Interestingly, despite of the variations in baseline test, both solvents showed similar water 

fluxes when treated effluent was used as the feed solution. Firstly, it seems understandable 

that water flux decreased due to the decreasing osmotic gradient across the membrane. 

Thus, MEA demonstrated a lower flux than that in the baseline test (Figure 6-7a). 

Nevertheless, sodium glycinate showed a negligible difference in water flux in Figure 6-

7b. Of a particular note, sodium glycinate showed a lower reverse salt flux than that in 
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the baseline test (supplementary data Figure S6-2). A possible reason for this observation 

was due to the smooth surface of the CTA membrane, and thus, the CTA membrane is 

more resistant to fouling.  

6.3.3 Repetitive CO2 absorption from regenerated solvents 

Repetitive CO2 absorption and desorption by both MEA and sodium glycinate by the 

DCMD-FO process is demonstrated in Table 6-2. MEA exhibited an average 85% CO2 

re-absorption capacity and sodium glycinate showed a slightly higher CO2 re-absorption 

capacity (89%). Due to the high rejection of FO process, treated effluent could provide 

adequate “clean” water to cool down the heated solvent for cyclic absorption. 

Nevertheless, both solvents were not completely regenerated because of solvent 

degradation in DCMD process and solvent loss in FO process.   

Table 6-2: CO2 loading α from selected solvents in the different stage of experiment. 

Treated effluent and DI water were used as the cooling sources, unit: mol CO2/mol amine. 

Selected 
Solution  

First CO2 
absorption  

First CO2 
desorption  

Second CO2 absorption after FO via 
different cooling source  

   DI water Treated effluent 
MEA 0.54 0.36 0.45 0.47 
SG 0.59 0.39 0.53 0.52 

6.4 Future work for practical applications 

Overall, the proposed DCMD-FO process has shown some initial and promising result 

for the repetitive amine-based CO2 capture from flue gas. Results reported in this chapter 

also highlight several technical challenges for further research and development. Future 

research work is recommended to include the screening of other commercially available 

amine solvents for CO2 desorption by the DCMD system. Their respective CO2 

desorption and degradation are important parameters to assess their practical applications 

in the DCMD system. Further FO membrane development is also recommended to limit 

the reverse salt flux for low or zero solvent loss and stable water flux during the cooling 

process. A techno-economic analysis of the integrated system that include the overall 

energy consumption requirement is also necessary to evaluate the potential of our 

proposed DCMD-FO process for practical applications.   
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6.5 Conclusion  

This chapter demonstrated that the potential of an integrated DCMD-FO system for the 

repetitive CO2 capture. Simultaneous low temperature CO2 desorption and trim cooler 

replacement conducted by DCMD-FO provide an alternative utilization of waste heat and 

non-potable water in power plants. The DCMD achieved respective 33.6 and 33.2% of 

desorption efficiency for MEA and sodium glycinate at 80 °C. MEA and sodium glycinate 

resulted in the different hydrophobicity changes of each membrane, which therefore led 

to the partial wetting and corresponding flux decline. Despite of the membrane wetting, 

TOC and FITR analysis demonstrated that DCMD outperformed a high rejection of 

solvent. On the other hand, although the regenerated MEA and sodium glycinate 

exhibited a stable water extraction from treated effluent, they showed a contrast water 

extraction from DI water due to the osmotic gradient and reverse salt flux. Results of 

repetitive CO2 absorption achieved 85% and 89% of CO2 re-absorption capacity for MEA 

and sodium glycinate, respectively. In summary, this research could inspire more 

investigations on efficient CO2 capture by integrated membrane system. 
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Chapter 7 Conclusions and recommendations for future work 

7.1 Conclusions 

Results reported here demonstrated that FO technology could simultaneously produce 

high quality effluent and harvest energy from wastewater to facilitate the wastewater 

reclamation for either water purification or post-combustion CO2 capture. Furthermore, 

investigation responsible for draw solution chemistry on FO performance provided 

fundamental perspectives on process optimization including water permeation and TrOCs 

rejection. On the other hands, this thesis contributed to the existing application of FO by 

integrating FO-based platform in post-combustion CO2 capture via wastewater and waste 

heat. These findings shed a light on the future development and deployment of FO 

technology.  

In Chapter 3, FO membranes and fouling solutions were systematically characterized to 

elucidate the effects of organic fouling on the rejection of two TrOCs namely 

sulfamethoxazole and carbamazepine. Municipal wastewater resulted in a more severe 

flux decline (70%) compared to humic acid and sodium alginate fouling solutions (50%). 

This result was consistent with the molecular weight distribution of these foulant 

solutions. Liquid chromatography with organic carbon detection analysis showed that 

municipal wastewater consists of mostly low molecular weight acids and neutrals, which 

resulted in a more compact cake layer on the membrane surface. By contrast, humic acid 

and sodium alginate were consisted of large molecular weight humic substances and 

biopolymers, respectively.  

The results also showed that membrane fouling could significantly alter the membrane 

surface charge and hydrophobicity as well as the reverse salt flux. In particular, the 

reverse salt flux of a fouled membrane was significantly higher than that under clean 

conditions. Although the rejection of sulfamethoxazole and carbamazepine by FO 

membrane was high (over 96%), a discernible impact of fouling on their rejection can 

still be observed. The results showed that steric hindrance was the main rejection 

mechanism of both sulfamethoxazole and carbamazepine. However, they responded to 

membrane fouling differently. Membrane fouling resulted in an increase in 
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sulfamethoxazole rejection. By contrast, carbamazepine rejection decreased due to the 

cake-enhanced concentration polarisation. 

Impact of draw solution chemistry (in terms of pH and draw solute species) and 

membrane fouling on water flux and the rejection of TrOCs by FO was elucidated in 

Chapter 4. The results showed that draw solution chemistry could induce a notable impact 

on both water flux and TrOCs rejection. In addition, the impact was further influenced by 

membrane fouling. The reverse flux of proton (or hydroxyl) could alter the feed solution 

pH, which governed the separation of ionizable TrOCs. In addition, charged compounds 

generally exhibited higher rejections than neutral ones by the clean membrane. 

Electrostatic interaction, rather than steric hindrance, was therefore the dominant 

rejection mechanism for most compounds. There was also a weak correlation between 

rejection and molecular sizes of the 43 TrOCs. Compared with Na+, Li+ with a larger 

hydrated radius showed a significant larger reverse salt flux selectivity at the same pH 

(pH 4.8: NaCl 0.31 L/g, LiCl 2.28 L/g; pH 6.7: NaCl 0.33 L/g, LiCl 3.48 L/g), resulting 

in a lower ionic strength and therefore a stronger electrostatic interaction. A fouling cake 

layer consisted of low molecular weight neutral organics could also affect TrOC rejection 

due to pore blockage and cake-enhanced concentration polarisation.  

Chapter 5 evaluated the feasibility of FO as an alternative to a trim cooler for 

simultaneous post-combustion CO2 capture and make-up water provision. Three amine-

based CO2 adsorbents (glycine, sodium glycinate, and MEA) were used as the draw 

solutions. Treated effluent and seawater were used as the sources of make-up water (i.e. 

feed solution). The non-linear relationship between conductivity and concentration of 

these three adsorbents indicated an osmotic pressure trend in the FO process. Glycine 

showed a higher water flux, a lower reverse salt flux and specific reverse salt flux than 

sodium glycinate and MEA in both membrane orientations, thus was selected for further 

investigations. A higher water flux but with the considerable flux decline were observed 

when active layer faced draw solution (AL-FS: from 18.6 to 15.5 L/m2h; AL-DS: from 

35.4 to 19.2 L/m2h).  

In addition, temperature increase in draw solution could alter thermodynamic properties 

of glycine, thus, resulting in an increase of reverse salt flux. It enhanced water flux due 

to the diminishing concentrative internal concentration polarisation. On the other hand, 

changes in water flux were insignificant when active layer faced feed solution even as 
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temperature increased. It appears that temperature increase was likely to aggravate the 

severity of dilutive internal concentration polarization and offset the growth of osmotic 

pressure. Seawater could also be a potential source for simultaneous cooling and 

providing the make-up water, although the water flux was lower compared to treated 

effluent. 

Chapter 6 proposed an integrated DCMD-FO system via the simultaneous low 

temperature CO2 desorption and make-up water production for repetitive CO2 capture. 

Since two hydrophobic membranes presented negligible variations in terms of desorption 

efficiency, DCMD achieved averagely respective 33.6 and 33.2% for MEA and sodium 

glycinate at 80 °C. Unlike insignificant change caused by sodium glycinate, MEA resulted 

in either increase or decrease of hydrophobicity for each hydrophobic membrane, thus a 

partial wetting as well. Wetting was determined to reduce water production in DCMD 

namely water reduction in aqueous MEA, therefore slowing CO2 desorption rate.  

Apart from unchanged hydrophobicity of membrane, growth of sodium glycinate 

viscosity and decrease of water activity coherently contributed the constant flux decline 

for sodium glycinate. Both quantitative and qualitative analyses demonstrated the high 

solvent rejection, which resulted in the negligible solvent loss. On the other hand, heated 

regenerated MEA and sodium glycinate resulted in different osmotic pressures and 

reverse salt fluxes, thus for the corresponding make-up water production as deionised 

water and treated effluent used as the cooling sources. The results of repetitive CO2 

absorption showed that average 85% and 89% of CO2 re-absorption capacity for MEA 

and sodium glycinate, respectively. Therefore, the integrated system not only provided 

some promising perspectives for energy saving and sustainable non-potable water usage, 

but also highlighted the need for more research work on cost-effective CO2 capture based 

on membrane system.  

7.2 Recommendations for future work 

Although results from this thesis work have shown the potential of FO as an effective tool 

to achieve wastewater reclamation for satisfying water purification and post-combustion 

CO2 capture, several aspects including draw solution recovery and techno-economic 

analysis are not included in this thesis. The following research work is recommended to 
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gain a more comprehensive understanding and a further advancement for full-scale 

implementation of FO-based system.  

1) Draw solution replenishment deserves the attention due to the mass loss in reverse 

salt flux. Development of draw solution with high reverse solute selectivity and 

membrane surface modification can help to optimize the trade-off between 

generated osmotic pressure and reverse diffusion of draw solutes.  

2) Concentrated TrOCs in feed solution requires further post-treatment such as 

advanced oxidation to realize TrOCs removal. A hybrid FO-based system is 

recommended to achieve energy-efficient TrOCs treatment.  

3) Similar to other membrane processes, membrane fouling is an important criterion 

to assess practical FO operation in the context of wastewater reclamation. Further 

research may explore cleaning approaches to mitigate membrane fouling 

effectively.  

4) The integration of CO2 capture with FO-based process can be improved by 

conducting more comprehensive studies. Life cycle assessment of proposed 

technology can shed a light on the economic viability of FO assisted post-

combustion CO2 capture.  

5) Increasing CO2 desorption rate in DCMD system may be considered via adding 

rate promoters. Fast desorption is beneficial for the overall process performance 

via utilizing waste heat as the energy supply. 
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Appendix - Supplementary Data 

Table S4-1. Key physicochemical properties of the selected trace organic contaminants 

Name 
CAS 

number 
Molecular structure pKa 

Minimu
m 

projectio
n area 
(Å2) 

Log
D at 
pH 
7.4 

Log
D at 
pH 
6.5 

Log
D at 
pH 
4.6 

Charg
e at 
pH 
7.4 

Charg
e at 
pH 
6.5 

Charg
e at 

pH 4.6 

Saccharin 81-07-2 

 

1.94 29.35 
-

0.49 
-

0.49 
-

0.49 
-1.00 -1.00 -1.00 

Salicyclic 
acid 

69-72-7 

 

2.79 24.45 
-

1.52 
-

1.33 
0.17 -1.00 -1.00 -1.00 

Cyclamate 
100-88-

9 

 

-
0.83 

30.73 
-

1.77 
-

1.77 
-

1.77 
-1.00 -1.00 -1.00 

Ketoprofen 
22071-

15-4 
 

3.88 42.95 0.39 1.05 2.82 -1.00 -1.00 -1.00 

Naproxen 
22204-

53-1 
 

4.19 33.66 
-

0.05 
0.70 2.43 -1.00 -1.00 -1.00 

Bisphenol A 80-05-7 

 

9.78 43.37 4.04 4.04 4.04 
-0.01 

 
0.00 0.00 

Diclofenac 
15307-

86-5 

 

4.00 45.30 
1.10 
 

1.79 3.56 -1.00 -1.00 -1.00 

 
Propylparabe

n 
94-13-3 

 

8.50 25.32 2.52 2.55 2.55 -0.07 -0.01 0.00 

Diuron 
330-54-

1 

 

13.1
8 

28.58 
2.53 
 

2.53 2.53 0.00 0.00 0.00 

Ibuprofen 
15687-

27-1 
 

4.85 35.89 1.34 2.19 3.65 -1.00 -0.98 -0.36 

Phenylpheno
l 

1322-
20-9 

 

9.69 30.36 3.31 3.32 3.32 -0.01 0.00 0.00 

Gemfibrozil 
25812-

30-0 
4.42 42.09 1.51 2.32 3.99 -1.00 -0.99 -0.60 

Triclocarban 
101-20-

2 

 

11.4
2 

49.11 4.93 4.93 4.93 0.00 0.00 0.00 
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Triclosan 
3380-
34-5 

 

7.68 40.00 4.80 4.95 4.98 -0.34 -0.06 -0.00 

Nonylphenol 
25154-

52-3 
 

10.3
0 

38.81 5.74 5.74 5.74 -0.01 0.00 0.00 

PFOA 
335-67-

1 
 

-
4.20 

36.44 1.58 1.58 1.58 -1.00 -1.00 -1.00 

PFOS 
45298-

90-6 
 

-
3.32 

40.46 3.05 3.05 3.05 -1.00 -1.00 -1.00 

Atenolol 
29122-

68-7 
 

9.67, 
14.0

8 
36.85 

-
1.80 

-
2.48 

-
2.81 

0.99 1.00 1.00 

Paracetamol 
103-90-

2 

 

9.46 21.65 0.90 0.91 0.91 -0.01 0.00 0.00 

Sulfamethox
azole 

723-46-
6 

 

1.97, 
6.16 

46.79 
-

0.00 
 

0.38 0.78 -0.95 -0.69 -0.02 

Caffeine 58-08-2 

 

-
1.16 

30.68 
-

0.55 
-

0.55 
-

0.55 
0.00 0.00 0.00 

Trimethopri
m 

738-70-
5 

7.16 51.06 1.10 0.60 
-

0.16 
0.85 0.98 1.00 

Benzotriazol
e 

95-14-7 

 

0.22, 
9.04 

21.46 1.25 1.26 1.26 -0.02 0.00 0.00 

Triamterene 
396-01-

0 

 

6.2 36.26 1.11 1.11 1.11 0.00 0.00 0.03 

Primidone 
125-33-

7 

 

11.5
0 

40.90 1.12 1.12 1.12 
0.00 

 
0.00 0.00 

Carazolol 
57775-

29-8 

 

9.67, 
14.0

3 
45.59 0.49 

-
0.19 

-
0.52 

0.98 1.00 1.00 

Bisoprolol 
66722-

44-9  

9.67, 
14.0

9 
51.96 

-
0.03 

-
0.71 

-
1.04 

0.99 1.00 1.00 

Meprobamat
e 

57-53-4 

 

15.1
7 

45.75 0.93 0.93 0.93 0.00 0.00 0.00 

TCEP 
115-96-

8 
 

-
9.10 

49.90 2.11 2.11 2.11 n/a n/a n/a 

Dilantin 
630-93-

3 

 

8.49 48.38 2.11 2.14 2.15 -0.08 -0.01 0.00 
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Simazine 
122-34-

9 

 

4.23, 
14.7

5 
35.92 1.78 1.78 1.63 0.00 0.00 0.22 

Carbamazepi
ne 

298-46-
4 

 

15.9
6 

40.19 2.77 2.77 2.77 
0.00 

 
0.00 0.00 

Omeprazole 
73590-

58-6 
 

4.77, 
9.29 

37.09 2.43 2.43 2.06 -0.01 0.02 0.60 

Atrazine 
1912-
24-9 

 

4.20,  
14.4

8 
39.04 2.20 2.20 2.05 0.00 0.00 0.20 

Verapamil 52-53-9 

 

9.68 78.69 2.79 2.03 1.55 0.99 1.00 1.00 

Linuron 
330-55-

2 

 

11.9
4 

28.00 2.68 2.68 2.68 0.00 0.00 0.00 

Diazepam 
439-14-

5 

 

2.92 47.86 3.08 3.08 3.07 0.00 0.00 0.02 

Benzopheno
ne 

119-61-
9 

 

-
7.50 

22.79 3.43 3.43 3.43 n/a n/a n/a 

Clozapine 
5786-
21-0 

 

10.0
8 

52.19 1.36 0.63 
-

1.15 
1.54 1.90 2.00 

Amitriptylin
e 

50-48-6 

 

9.76 58.17 2.48 1.75 1.32 1.00 1.00 1.00 

Hydroxyzine 68-88-2 

 

7.45, 
15.1

2 
64.72 3.09 2.42 0.65 0.45 0.86 1.00 

Oxybenzone 
131-57-

7 

 

7.07 35.30 3.13 3.52 3.62 -0.68 -0.21 0.00 

Diazinon 
 

333-41-
5 

 

4.19 50.17 4.19 4.19 4.19 
0.01 

 
0.05 0.79 

Source: SciFinder Scholar (ACS) database and Chemicalize online platform. 
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Figure S4-1: Osmotic pressure as a function of draw solutes concentration at 25 ºC. Data 

were simulated by using OLI Stream Analyzer 2.0. 

 

Figure S4-2:  SEM – EDX analysis for active layer of clean and fouled membranes (DI 

water and raw sewage were used as feed solutions; NaCl (0.5 M) at buffered pH 8.0 was 

used as draw solution). 
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Figure S4-3: Comparison of reverse salt flux affected by the presence of fouling and 

monitored pH in the feed solution (The data were recorded in the first 5 h and end of 

experiment). DI water (initial pH 6.4 ± 0.2) or primary treated municipal effluent (initial 

pH 7.3 ± 0.2) was used as feed solution, respectively; NaCl (0.5 M) with at buffered pH 

8.0 was used as draw solution. All experiments were conducted until 50% water recovery.  
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Figure S5-1: Distribution (%) of glycine (a) and MEA (b) between the acid, neutral, and 

base forms in the pH range of 0 - 14 at 25 °C.  

Table S5-1: Osmotic gradients of sodium glycinate (1.5/3 M) in the different membrane 

orientation 

Concentration (mol/L) Membrane orientation ΠFS (bar) ΠDS (bar) ∆Π (bar) 
1.5 AL-FS 0.08 79.28 79.20 
1.5 AL-DS 0.41 79.28 78.86 
3 AL-FS 0.44 158.56 158.12 
3 AL-DS 0.52 158.56 158.04 
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Figure S5-2: pH values of the feed solution at the beginning and end of each experiment 

in two membrane orientations. Treated effluent was used as the feed solution. The 

temperature of feed solution was maintained at 25 °C. Two membrane orientations: AL-

FS and AL-DS were applied. Error bars represent the difference of two replicate 

measurements.  
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Figure S5-3: Impact of temperature on reverse salt flux and specific reverse salt flux. 

Treated effluent at 25 °C was used as the feed solution. Glycine (3 M) at 25/45 °C was 

used as the draw solution. Error bars represent the difference of two replicate 

measurements. 
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Figure S6-1: Solvent rejection of DCMD for MEA and sodium glycinate (SG) 

regeneration. Experimental conditions are described as follows: DI water was used as the 

distillate. MEA (5 M) and SG (3 M) were used as the FS. The temperatures for FS and 

distillate were 80 °C and 25 °C, respectively. All experiments were conducted in duplicate 

and until 30% water recovery (maximum CO2 desorption). 
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Figure S6-2: Reverse salt fluxes of regenerated MEA and SG in AL-DS membrane 

orientation. DI water and treated effluent (TE) were used as the FS. Regenerated MEA 

and SG were used as the draw solutions (DS). The temperatures for FS and DS were 25 °C 

and 45 °C, respectively. 2Error bars represent the difference of two replicate 

measurements. 
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