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Abstract 22 

This study investigated the removal of CO2 from flue gas by an integrated membrane distillation-23 

forward osmosis (MD-FO) system. Monoethanolamine (MEA) and sodium glycinate solutions 24 

were loaded with CO2 from a mixture of CO2 and N2 (1:9 in volume ratio) to simulate synthetic 25 

flue gas. CO2 desorption from the amine solution was evaluated using MD at 80 °C. Interaction 26 

between amines and the membrane polymeric matrix could alter the membrane surface 27 

hydrophobicity; however, under all experimental conditions it was still sufficiently hydrophobic 28 

for MD operation. Amine loss during MD operation for CO2 desorption was insignificant. FO was 29 

used to provide make-up water and cooling to the regenerated amine solution after CO2 desorption 30 

by MD. The results showed stable FO water flux when wastewater effluent was used as the source 31 

for make-up water. Repetitive CO2 loading and desorption experiments showed 87.0% and 88.1% 32 

CO2 re-absorption efficiency for MEA and sodium glycinate in the second cycle, respectively. 33 

Further investigation of this hybrid system is suggested to advance the CO2 desorption by MD 34 

process and water production by FO process.  35 

Keywords: CO2 capture; Flue gas; Membrane distillation; Forward osmosis; Monoethanolamine; 36 

Sodium glycinate.37 
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1 Introduction  38 

CO2 removal from flue gas for storage or beneficial utilisation is a pragmatic solution while 39 

non fossil-based energy alternatives are still being developed. Fossil fuel combustion produced 40 

37.15 Gt of CO2, equivalent to 45% of the global green house gas emission [1]. To reduce 41 

green house gas emission from the combustion of fossil fuel, strategies for CO2 capture from 42 

flue gas such as absorption [2], membrane separation [3-5] and adsorption [6-8] have been 43 

extensively studied in recent years. Amine-based post-combustion CO2 capture is a mature 44 

technology that can be retrofitted to existing power stations. Examples of power stations 45 

retrofitted with amine-based post-combustion CO2 capture include Boundary Dam [9] and 46 

Petra Nova [10].  47 

Monoethanolamine (MEA) is the most widely used chemical for amine-based CO2 capture due 48 

to features such as high absorption capacity, fast reaction kinetics and high mass transfer. Apart 49 

from MEA, several amino acid salts such as sodium glycinate have also gained scientific and 50 

commercial attention because of their greater resistances to oxidative degradation and lower 51 

toxicity than MEA [11, 12]. These amino acid salts have an amine group and an acidic 52 

carboxylic acid group, which can be protonated, neutral, or deprotonated as a function of pH 53 

[13]. The zwitterionic mechanism is often considered to interpret the chemical reaction 54 

between CO2 and solvents [14, 15]. In this mechanism, a primary or secondary amino group of 55 

amines firstly reacts with CO2 to form a zwitterion (Eq. 1). The base (i.e. amine, OH-, or H2O) 56 

neutralizes the intermediate to form a carbamate (Eq. 2). These carbamates can be thermally 57 

reversed back to amine and CO2 via the following reactions: 58 

𝐶𝐶𝐶𝐶2 + 𝑅𝑅𝑁𝑁𝑁𝑁2 ↔ 𝑅𝑅𝑅𝑅𝐻𝐻2+𝐶𝐶𝐶𝐶𝑂𝑂−        (Eq. 1) 59 

RN𝐻𝐻2+𝐶𝐶𝐶𝐶𝑂𝑂− + 𝑅𝑅𝑅𝑅𝐻𝐻2  ↔ 𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑂𝑂− + 𝑅𝑅𝑅𝑅𝐻𝐻3+     (Eq. 2) 60 

In the current amine-based CO2 removal process, amine solution is regenerated by a stripping 61 

with steam at about 120 ºC. This thermal energy consumption accounts for about 75% of the 62 

overall costs because of large amount of steam used for the absorbent regeneration [16-18]. In 63 

addition, the high stripping temperature resulted in thermal degradation and subsequent amine 64 

loss [19]. Recent approaches to address these drawbacks focus on the absorbent formulation 65 

and process innovation to improve the CO2 capture performance, such as solvent modification 66 

with promoters, efficient gas-liquid contactors, microwave swing regeneration and, 67 

electrochemically mediated amine regeneration [20-22]. For example, Li et al, [23, 24] 68 

observed that addition of metal ions (i.e. Cu and Me) in the aqueous amine solution could 69 
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enhance the CO2 desorption rate and reduce the heat of CO2 desorption, thus reducing the 70 

regeneration energy. However, these approaches still rely on high temperature CO2 desorption, 71 

and have not been realised at full scale for CO2 capture. Another inherent disadvantage of high 72 

temperature CO2 desorption is the high energy demand for cooling. The large water demand 73 

for the trim cooler is a major hurdle for inland CO2 capture plants where fresh water is scarce.  74 

New research effort has been devoted to technologies with low CO2 desorption temperature so 75 

that the low-grade waste heat from the power plants can be utilised. In the US alone, thermal 76 

power plants discharge 18.9 billion GJth waste heat each year at temperature around 85 °C [25]. 77 

If fully utilised this waste heat can offset most of the thermal energy requirement for CO2 78 

capture.   79 

The CO2 desorption kinetics from an amine solution is slow. However, the rate of CO2 80 

desorption can be improved by removing or reducing water activities in the system. Lin et al., 81 

[26] lowered the water activity by adding methanol into a water-amine system and observed 82 

67% higher CO2 desorption at 80 ºC than that of MEA only at 120 ºC in terms of the cyclic 83 

loading performance. Lai et al., [27] also observed higher CO2 desorption rate in an alcohol-84 

amine-water system than that of a single amine system. In the 40 wt% ethanol/20 wt% MEA 85 

solution, CO2 desorption rate was reported to increase by more than 6 times, from 0.021 to 86 

0.137 mmol/s. This may be attributed to dielectric constant compression of amine due to 87 

alcohol addition and therefore reduced the basic strength of the sorbent, which helped to release 88 

acidic CO2 at a low temperature [28]. Barzagli et al., [29, 30] reported that MEA was more 89 

stable than other secondary amines (e.g. amines 2-2(2-aminoethoxy)ethanol) with more 90 

residual carbamates at 110 °C desorption by 13C NMR spectroscopy. They also observed that 91 

a mixture of amines (i.e. alkanolamine and 2-amino-2-methyl-1-propanol) could achieve 73-92 

96% efficiency at the low desorption temperature (< 90 °C). Another approach is to remove 93 

water from the system during CO2 desorption, which can also increase CO2 desorption rate.       94 

Membrane distillation (MD) can utilise low-grade heat and remove water at the same time, 95 

enabling MD a good candidate for the low temperature CO2 desorption. Unlike pressure driven 96 

membrane technologies (such as nanofiltration and reverse osmosis), MD is a thermally driven 97 

separation process. The difference in partial water vapour pressure across a microporous and 98 

hydrophobic membrane induced by temperature difference between the feed and distillate side 99 

is the driving force of the MD process [31, 32]. The membrane surface properties can be 100 

precisely controlled to achieve anti-fouling and anti-wetting properties [33-35]. 101 
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MD is operated at well below the water boiling temperature. Thus, the low-grade heat from 102 

power plants can be directly utilised in MD process to regenerate the amine solution after heat 103 

exchanger at 80 ºC or below. MD can remove water from the water-amine solution to improve 104 

the rate of CO2 desorption. MD has been successfully demonstrated at pilot scale for further 105 

removal of water from hypersaline solutions [36, 37]. Several studies have also demonstrated 106 

the potential of low-temperature CO2 desorption from amine and amino acid salt by hollow 107 

fibre membrane contactors [21, 38, 39]. However, to date, the feasibility of MD for low-108 

temperature (~80 °C) CO2 desorption has not been systematically investigated. 109 

In the amine-based CO2 capture process, after regeneration, it is necessary to cool down the 110 

amine solution to a desired CO2 absorption temperature and compensate to the corresponding 111 

water loss from the CO2 desorption. Previous studies [40-42] have demonstrated the potential 112 

of forward osmosis (FO) for simultaneous cooling of the regenerated amine solution and 113 

providing make-up water.  114 

In this study, we propose an integrated MD-FO system to simultaneously achieve two 115 

objectives: (1) CO2 desorption at low temperature; (2) cooling and provision of make-up water 116 

after desorption. This study aims to extend the previous theoretical framework and to evaluate 117 

the effect of membrane material and adsorbent type on the system performance.   118 

2 Materials and methods  119 

2.1 Conceptual diagram of proposed MD-FO for CO2 capture 120 

Fig. 1 conceptually describes the proposed MD-FO process for low temperature CO2 capturing 121 

from flue gas. Inputs into the process are flue gas and waste heat from coal fired power plants 122 

and wastewater. Outputs from the process include purified CO2 for storage or beneficial use, 123 

high quality distillate, and N2 that can be vented to the atmosphere. Via an adsorption-124 

desorption cycle, pure CO2 is extracted from flue gas for compression, storage or beneficial 125 

use. Wastewater is used as the make-up water via the FO process. Waste heat from the power 126 

plant is used to desorb CO2 (regenerate the amine solution) and produce high quality distillate 127 

for beneficial use. 128 
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 129 

Fig. 1. Conceptual integrated MD-FO process flow diagram. The process includes two stages: 130 

(1) CO2 desorption supplement by membrane distillation for low temperature operation; and 131 

(2) Forward osmosis to replace a trim cooler.  132 

2.2 Membranes and chemicals 133 

Two commercially available flat-sheet hydrophobic polytetrafluoroethylene (PTFE) 134 

membranes were used for the MD process (Table 1). A flat-sheet hydrophilic thin film 135 

composite (TFC) membrane (Porifera, US) was used for FO process. This TFC membrane 136 

consists of a thin active layer and an embedded woven support layer. The operational ranges 137 

of pH of these membranes are between 3 and 13, which cover the pH range of the amine 138 

solution before and after CO2 absorption. 139 

Table 1: Specifications of hydrophobic membranes used in this study. 140 

Membrane Supplier Thickness 
(μm) 

Porosity 
(%) 

Pore size 
(μm) 

1 General Electric (US) 179 75 0.22 
2 Porous Membrane Technology (China) 60 80 0.2 

Reagent grade MEA, glycine and sodium hydroxide were from Sigma-Aldrich. Sodium 141 

glycinate was prepared by mixing glycine with an equal molar ratio between glycine and 142 

sodium hydroxide in deionised (DI) water. Instrument grade (>99.8% purity) CO2 and N2 gases 143 

were from Coregas Australia and stored in pressurised cylinders. 144 
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2.3 Feed solution for MD and FO 145 

CO2 and N2 gases were mixed together using Bronkhorst mass flow controllers to obtain a 146 

CO2:N2 gas ratio by volume of 1:9 to simulate the composition of flue gas. Simulated flue gas 147 

was constantly bubbled into the 5 L of MEA (5 M) or sodium glycinate (3 M) solution at a 148 

flow rate of 1.1 L/min at 40 °C controlled by a water bath. Gaseous CO2 concentration was 149 

analysed by a gas analyser (Horiba, VA-3000) with the analytical range of 0-10 vol% every 15 150 

s. The CO2 rich solution was considered fully loaded when CO2 concentration in the outlet was 151 

the same as in the inlet. These CO2 rich-loaded solutions were used as the feed solution for MD 152 

experiment.  153 

CO2 rich-loaded solutions became CO2 lean-loaded solution after CO2 desorption in the MD 154 

experiment and CO2 lean-loaded solutions were used as the draw solution in FO process. As a 155 

kind of non-portable water, treated effluent from a membrane bioreactor [43] was used as the 156 

feed solution in FO process. The conductivity and total organic carbon (TOC) of this treated 157 

effluent was 5 mS/cm and 7 mg/L. DI water was used as the feed solution in the baseline test 158 

with the same draw solution for treated effluent.  159 

2.4 MD for CO2 desorption and FO for water supplement  160 

The CO2 desorption experiments for CO2 rich-loaded solution were performed using a lab-161 

scale direct contact membrane distillation (DCMD) system (Supplementary Data Fig. S1a). 162 

The membrane module was in a plate-and-frame configuration with an effective membrane 163 

area of 17.5 cm2. Feed solution (0.5 L) and distillate (2 L) were circulated counter-currently by 164 

two gear pumps (Cole Parmer, model 75211-15, US) at the flow rate of 1.0 L/min 165 

(corresponding to 36.2 cm/s). In all experiments, the CO2 rich-loaded feed solution was placed 166 

in a jacketed vessel coupled with a temperature control system (Thermoline, model BL-30, 167 

Australia) and maintained at 80 ± 2 °C. 80 °C represents the low-grade power plant waste heat 168 

[44], which is a reasonably low temperature compared to the conventional regeneration 169 

temperature (120 °C). The distillate was maintained at room temperature (25 ± 2 °C) using 170 

another temperature control system (Thermoline, model BL-30, Australia). Inlet and outlet 171 

temperature of the feed solution and distillate flow channels were recorded by temperature 172 

sensors (Vernier LabQuest 2, US).  173 

The distillate reservoir vessel was placed on a digital balance (Adam, model PGL 8001, 174 

Australia) and the weight change was recorded every 3 min and transferred to a data logger. 175 

Preliminary experiments showed that CO2 desorption stopped at water recovery of 30% or 176 

more. Samples (2 mL) from the feed solution were collected at 10, 20, and 30% water recovery 177 
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to monitor the CO2 desorption performance as a function of water recovery. Feed and distillate 178 

samples (50 mL) were also taken at the beginning and end of each experiment for other analyses. 179 

Upon the DCMD process, the final concentrated feed solutions were then used as draw 180 

solutions for the subsequent FO experiments.  181 

After the CO2 desorption experiment, the experimental equipment was rearranged into an FO 182 

system. The same membrane cell was used for the FO system to provide make-up water and 183 

cooling to the CO2 lean-loaded solution also known as the regenerated amine solution 184 

(Supplementary Data Fig. S1b). Draw solution (0.35 L) and feed solution (2 L) were circulated 185 

counter-currently. The feed solution reservoir was placed on the digital balance for monitoring 186 

the water flux. It is assumed that amine loss during CO2 desorption did not occur. Thus, each 187 

experiment was conducted until the amine solution returned to the initial volume of 0.5 L prior 188 

to CO2 desorption. In other words, the volume of water permeated through the membrane to 189 

the CO2 lean-loaded solution was the same as the volume of clean water produced by MD 190 

during CO2 desorption. Feed solution and draw solution samples (50 mL) were taken at the 191 

beginning and end of each experiment for analysis. All DCMD and FO experiments were 192 

conducted in duplicate. The results are reported as geometric mean and standard deviation.  193 

2.5 Measurement and analysis  194 

2.5.1 Contact angle measurement  195 

Membrane surface hydrophobicity was determined by contact angle measurement using a 196 

goniometer (model: Theta Lite 100, Biolin Scientific, Sweden) and the standard sessile drop 197 

method. Five measurements using DI water (5-8 μL) as the reference liquid were conducted at 198 

different locations on the membrane surface. Membrane samples were air-dried before contact 199 

angle measurement.   200 

2.5.2 Solution chemistry characterization  201 

The chemical properties of the liquid sample (1 μL) were analysed by using a Fourier transform 202 

infrared (FTIR) spectroscopy (model: IRAffinity-1, Shimadzu, Japan) equipped with a single 203 

reflection attenuated total reflectance (MIRacle 10, Shimadzu, Japan). Absorbance from 204 

wavelength 400 to 4000 cm-1 of each sample displayed the corresponding spectra at 4 cm-1 205 

resolution. TOC analysis was operated by sparging Non-Purgeable Organic Carbon using a 206 

TOC analyser (Analytik Jena Multi N/C 3100, Jena, Germany).  207 
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2.5.3 Water flux and reverse salt flux 208 

Water flux (Jw) is an important performance indicator of membrane process, which can be 209 

calculated as follow:  210 

t1 t2Jw
M M

t A ρ
−

=
∆ × ×

         (1) 211 

where Mt1 and Mt2 are the weights of distillate (MD)/feed solution (FO) at time t1 and t2, 212 

respectively. ∆t is the time interval (3 min); A is the effective membrane area; and ρ is water 213 

density.  214 

Due to the constant ratio of carbon for MEA and sodium glycinate, it was possible to carry out 215 

TOC analysis to analyse their respective concentration in the solution sample. Reverse salt flux 216 

(Js) indicates the mass diffusion from draw solution to feed solution, which can be calculated 217 

based on the mass balance calculation as follow: 218 

, 0 ,0(C V V )t feed t feed
s

C
J

A t
× − ×

=
×

        (2) 219 

, ,0 ,feed t feed p tV V V= − ∆          (3) 220 

where Vfeed,0 and Vfeed,t are the volumes of the feed at the beginning and corresponding time t 221 

of the experiment; C0 and Ct are the concentrations of draw solution in the feed at the beginning 222 

and corresponding time t of the experiment, respectively; ∆Vp,t is the volume of distillate at 223 

time t. The solute rejection by MD is calculated based on dilution factor (DF=Vdraw/∆Vp,t) as 224 

follow: 225 

(%) 1 100distillate

feed

DF CR
C

 ×
= − ×  

 
       (4) 226 

Water recovery (Rw) of MD/FO experiment is defined as the volume fraction of feed that is 227 

recovered as permeate: 228 

pRw
F

Q
Q

=           (5) 229 

where Qp represents the volume of water production, QF denotes the volume of feed. 230 

2.5.4 CO2 loading ratio analysis 231 

The CO2 loading ratio (α, mol of CO2/mol of amine) values after absorption and desorption 232 

were determined by the excessive acid method [45]. By adding an excess amount of strong acid 233 
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(i.e. 2 mol/L H2SO4) to the liquid sample, CO2 in the liquid sample was released into the gas 234 

phase and precisely measured by the variable volume in a burette.  235 

2

0

273
22.4

CO

L

V P
V m P t

α = × ×
× ×

        (6) 236 

where VCO2 denotes the measured volume of released CO2 from the sample, mL; VL represents 237 

sample volume, mL; m denotes the molar concentration of sample, mol/L; P/P0 stands for the 238 

ratio between room atmospheric pressure and standard atmospheric pressure; t is the room 239 

temperature, K. In addition, the accuracy of this method was validated by using different 240 

concentrations of sodium carbonate (0.5, 1, and 2 M) aqueous solutions.   241 

The CO2 desorption efficiency, ρ, is obtained by the following equation:  242 

(%) (1 ) 100f

i

α
ρ

α
= − ×          (7) 243 

where αi and αf represent initial and final loading of CO2 rich-loaded and lean-loaded amine 244 

solutions. On the other hand, CO2 re-absorption efficiency, η, is used to compare the loading 245 

of CO2 re-absorption solution (αr) to that of initial CO2 rich-loaded solution (αi).  246 

(%) 100r

i

αη
α

= ×          (8) 247 

3 Results and discussions  248 

3.1 DCMD for CO2 desorption   249 

3.1.1 CO2 loading  250 

The CO2 loading ratios for MEA and sodium glycinate were 0.54 and 0.59 mol/mol, 251 

respectively. These results are consistent with the literature [46-48]. CO2 desorption by DCMD 252 

was quantified by monitoring the CO2 content of the feed solution. Fig. 2 shows 32.8 and 32.4% 253 

CO2 desorption for MEA using Membrane 1 and 2, respectively. Faster desorption rate is 254 

observed for MEA when water recovery was between 0 and 20% and no further desorption was 255 

observed when water recovery reached 30%. As a thermally driven process, CO2 desorption is 256 

sensitive to temperature. In the current state of the art MEA-based CO2 capture process, up to 257 

50% CO2 desorption can be achieved but only at a higher temperature (ca. 120 °C). 258 

The changing CO2 desorption rate could be explained by the decrease in CO2 partial pressure 259 

and solution pH increase. At water recovery below 20%, high CO2 loading and high CO2 partial 260 

pressure resulted in faster CO2 release via thermolysis. As the desorption process continued, 261 
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partial pressure of CO2 loaded solution decreased, leading to lower CO2 desorption. CO2 262 

desorption is pH dependent. At high pH, carbamic acid formed via the reaction between CO2 263 

and MEA deprotonates to carbamate. The process is reversed when CO2 is desorbed. As the 264 

solution pH increased due to CO2 desorption, the desorption rate decreased. The desorption 265 

temperature used in this study was much lower than in the conventional amine-based CO2 266 

capture process; thus, the impact of CO2 partial pressure and pH on the rate of desorption was 267 

more significant. In the conventional process, carbamate was still detectable in the solution 268 

after desorption, suggesting that complete regeneration of MEA is impractical [24].  269 

CO2 desorption can be also assessed by examining the corresponding pH value of the amine 270 

solution. In this study, the pH value of CO2 rich-loaded MEA was 8.5 and pH increased to 10.7 271 

after desorption (for both membranes). The pH of solution after desorption did not reach the 272 

initial value of fresh MEA (12.6), which is consistent with the low desorption efficiency under 273 

current experimental condition. Previous works have reported similar CO2 desorption (32%) 274 

from a MEA solution compared to this study under atmospheric pressure but at 120 °C or higher 275 

temperature [15, 49]. In practice, 50% desorption efficiency is very desirable but still difficult 276 

to be achieved.  277 
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 278 

Fig. 2. Loading ratio (α) of CO2 rich-loaded solution by DCMD as a function of water recovery. 279 

Experimental conditions: DI water was used as the distillate. MEA (5 M) and sodium glycinate 280 

(SG, 3 M) were used as the feed. The temperatures of the feed solution and distillate were 80 °C 281 
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and 25 °C, respectively. All experiments were conducted in duplicate. The error bars represent 282 

the difference between two replicate experiments.   283 

The decrease in CO2 loading in the amine solution in Fig. 2 can be used to quantify CO2 284 

desorption. CO2 desorption from a sodium glycinate solution has a similar profile to that of 285 

MEA (Fig. 2). Membrane 1 and 2 showed maximum CO2 desorption efficiency of 36.3% and 286 

34.6%, respectively. CO2 desorption from MEA solution became negligible when water 287 

recovery reached 30%. Similar to MEA, sodium glycinate can also form a stable intermediate 288 

via reaction with CO2 [50].  As water recovery exceeded 20%, no further CO2 desorption was 289 

observed with Membrane 1. 290 

3.1.2 Wettability behaviour after 30% water recovery   291 

The relative wettability of membrane can be determined by contact angle measurement of the 292 

membrane surface. There were negligible changes in hydrophobicity for both membranes after 293 

desorption experiment using sodium glycinate as the adsorbent (Fig. 3).  294 
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Fig. 3. Contact angles of membranes before and after the DCMD process (30% water recovery). 296 

Error bars represent the standard deviation of five repetitive measurements. 297 

Interaction between MEA and membrane polymer could alter the membrane hydrophobicity 298 

[51]; however, changes in the membrane water contact angle were dependent on the initial 299 

hydrophobicity. MEA resulted in a decline in water contact angle of Membrane 1 from 127 to 300 

95º. By contrast, contact angle of Membrane 2 increased by 31% after the desorption 301 
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experiment using MEA as CO2 adsorbent (Fig. 3). This improvement was possibly due to the 302 

initially low contact angle value of the virgin membrane and membrane swelling caused by the 303 

MEA penetration [52]. Despite the variation in water contact angle due to interaction with 304 

amine adsorbent, results in Fig. 3 confirm that a sufficiently hydrophobic condition may still 305 

be possible for MD operation.  306 

3.1.3 Water activity reduction by DCMD  307 

CO2 desorption rate can be facilitated by the water reduction in amine solution. Water reduction 308 

is represented by the water production in distillate side in terms of water flux in DCMD.  Water 309 

fluxes during the CO2 desorption experiment when MEA was used as the absorbent are 310 

reported in Fig. 4a. Membrane 1 had an initial flux of 21.2 L/m2·h, which was stable for only 311 

the initial 100 minutes of the desorption experiment. It then declined to 10.1 L/m2·h at the end 312 

of process possibly due to partial membrane wetting. On the other hand, Membrane 2 showed 313 

a more stable water flux throughout the desorption experiment possibly it is thinner and more 314 

porous than Membrane 1 (Table 1).  315 
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Fig. 4.  Water flux and ratios of removed CO2 and condensed water by DCMD during CO2 317 

desorption using different adsorbent: (a) MEA and (b) SG. Experimental conditions are 318 

described in Fig. 2.  319 

Membrane 1 was thicker (Table 1) but also produced a higher initial water flux than Membrane 320 

2. In the DCMD process, a thick membrane resulted in a higher resistance to mass transfer of 321 
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water vapour but also prevent unnecessary thermal conduction. This observation was also 322 

possibly due to the different hydrophobicity between these two membranes (Fig. 3). Membrane 323 

hydrophobicity appears to be a determining factor of the water flux trend for DCMD with MEA 324 

regeneration.  325 

When sodium glycinate was used as the absorbent, both membranes showed a similar and more 326 

flux decline compared to MEA (Fig. 4b) despite the difference in their initial hydrophobicity. 327 

Exposure to sodium glycinate did not significantly alter the membrane hydrophobicity (Fig. 3). 328 

Thus, most of this flux decline observed in Fig 4b can be attributed to the increase in viscosity 329 

of the sodium glycinate solution as it becomes more concentrated [53].  330 

The stable hydrophobicity of both membranes (section 3.1.2) could prevent the penetration of 331 

sodium glycinate through membrane pore into distillate, thus, maintaining high distillate 332 

quality. This is consistent with the high solute rejection (>98%) observed for amines in this 333 

study (Supplementary data Fig. S2). Given the high rejection of MEA and sodium glycinate by 334 

DCMD, amine loss during the CO2 desorption can be avoided.  335 

The ratio of CO2 removed over water condensed, ε, can be considered as an indicator of the 336 

energy requirement. In Fig. 4, ε declined as a function of water recovery when both amines 337 

were used as the feed. Water condensed led to the increasing concentration of amine solution, 338 

which constrain the CO2 desorption. Due to a higher carbamate stability, MEA showed a lower 339 

ε than sodium glycinate at the same water recovery. Associated with the decreasing CO2 340 

loading, both membranes showed high amine rejection (>98%) (Supplementary data Fig. S2).  341 

3.1.4 Amine loss in the DCMD distillate 342 

TOC measurement shows no discernible increase in carbon content of the distillate, indicating 343 

no or negligible amine loss to the distillate by the DCMD process (Table 2). FTIR was used to 344 

further examine amine loss to the distillate being a reliable analytical technique to monitor the 345 

chemical reaction due to the measurable change of a molecule’s dipole moment in the mid-IR 346 

region (400 - 4000 cm-1). It is to be noted that peaks appearing between 3000 and 4000 cm-1 347 

provided information unrelated to chemical reaction between CO2 and amine. This is because 348 

that hydrogen bonding and O-H stretching of H2O resulted in some broad peaks between 3200 349 

and 3700 cm-1. In addition, other chemical bonds (i.e. N-H, C-H, and O-H) stretching also 350 

resulted in the particular peaks in this wide region. Thus, this region is known as “the hydrogen 351 

stretching region”, which is not included in our further discussion.  352 
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Table 2. Concentration of MEA and sodium glycinate in feed and distillate. Error bars represent 353 

the difference of two replicate measurements.  354 

Membrane 
MEA as the feed solution Sodium glycinate as the feed solution 

Feed   
(g/L) 

Distillate 
(g/L) 

Rejection  
(%) 

Feed  
(g/L) 

Distillate 
(g/L) 

Rejection 
(%) 

1 43.4 ± 3.5 0.3 ± 0.0 99.3 ± 0.0 18.4 ± 2.8 0.21 ± 0.03 98.9 ± 0.1 

2 43.9 ± 5.2 0.8 ± 0.1 98.1 ± 0.2 18.8 ± 1.9 0.10 ± 0.02 99.5 ± 0.1 

The infrared spectra of aqueous MEA prior to/after CO2 absorption are given in Fig. 5. Several 355 

characteristic vibration modes appeared prior to CO2 absorption, for example, C-N-H out-of-356 

plane bending and C-NH2 twisting at 950 cm-1, C-O stretching at 1016 cm-1, and C-N stretching 357 

at 1076 cm-1, and N-H rocking at 1645 cm-1 [54]. After molecular CO2 dissolving into MEA, 358 

several peaks shifted due to the protonation of the MEA and formation of carbamate and 359 

bicarbonate. Specifically, N-COO- stretching vibration was observed at 1319 cm-1. COO- 360 

symmetric and asymmetric stretching occurred at 1486 and 1568 cm-1, respectively [54, 55]. 361 

As reported by Richner and Puxty [54], the variation in peak intensity was indicated by the 362 

difference of CO2 loading in aqueous MEA. Shifting peaks was therefore not expected to occur 363 

after desorption.    364 
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 Feed (30 wt% MEA with CO2)
 Distillate
 DI water

 365 

Fig. 5. Infrared spectra of the aqueous 30 wt % MEA (black line), feed solution: aqueous MEA 366 

at 0.59 mol/mol CO2 loading (red line), distillate from the DCMD process (blue line), DI water 367 

as the reference (green line).  368 
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The infrared spectra of distillate and DI water were compared to validate the high rejection for 369 

DCMD (Fig. 5). These results were consistent with data obtained in supplementary data Fig. 370 

S2. The spectrum of distillate was identical to that of DI water in spite of several negligible 371 

peaks between 1500 and 1568 cm-1. This observation indicated that small amounts of 372 

carbamates had penetrated through membrane pore via water vapour. Unlike MEA, sodium 373 

glycinate can hardly vaporize as a salt even at a high temperature.   374 

3.2 Make-up water by FO  375 

The regenerated amines were used as the draw solution to obtain make-up water from 376 

secondary treated effluent. The water flux was stable and membrane fouling was not observed 377 

when either MEA or sodium glycinate was the draw solution (Fig. 6). It is noteworthy that the 378 

initial concentrations of MEA and sodium glycinate for CO2 adsorption were 5 and 3 M, 379 

respectively (section 2.2). Despite this difference in concentration, they resulted in the same 380 

water flux of 15 LMH. This is because MEA and sodium glycinate are not ideal electrolytes. 381 

As elucidated in a previous study, the osmotic pressure does not increase linearly as the 382 

concentration increase and there is a threshold concentration at which the osmotic pressure 383 

does not increase any further [42]. This result necessitates further investigation in terms of 384 

water flux optimisation. The FO process also provides cooling to the generated amine solution 385 

although it is beyond the scope of this current study.   386 
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Fig. 6. Water flux profile of the FO process for regenerated amine solutions versus DI water 388 

and treated effluent: (a) MEA at 5M as the draw solution (DS); (b) Sodium glycinate at 3M as 389 
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the DS. Feed solution (FS) and DS were circulated in the counter-current direction. Replicate 390 

experiments were conducted in AL-DS membrane orientation until 30% water recovery.  391 

3.3 Repetitive CO2 absorption by amine solutions after desorption 392 

Table 3: CO2 loading α from selected amine solutions in the different stage of experiment. 393 

Treated effluent and DI water were used as the cooling sources, unit: mol CO2/mol amine.  394 

Selected 
Solution  

1st cycle 
CO2 
absorption  

1st cycle 
CO2 
desorption  

Desorption 
efficiency  

2nd cycle of 
CO2 absorption 
(after FO) 
 

Re-adsorption 
efficiency  

MEA 0.54 0.36 33.3% 0.47 87.0% 
SG 0.59 0.39 33.9% 0.52 88.1% 

Repetitive CO2 absorption and desorption performance for both MEA and sodium glycinate by 395 

the MD-FO process is summarised in Table 3. In the first cycle, MEA exhibited the 33.3% CO2 396 

desorption efficiency with sodium glycinate slightly higher at 33.9%. Due to the high rejection 397 

of FO process (supplementary data Fig. S3), treated effluent could provide adequately clean 398 

water to cool down the heated amine solution for repetitive absorption. MEA and sodium 399 

glycinate also showed similar re-absorption efficiency of 87.0 and 88.1%, respectively. The 400 

observed re-absorption efficiency of below 100% in the 2nd cycle highlight the need for further 401 

investigation since in a practical application, the performance must be stable over thousands of 402 

cycles. It is noteworthy that amine loss from MD desorption was insignificant (section 3.1.4). 403 

Thermal degradation was also expected to be negligible given the low desorption temperature 404 

(~80 ⁰C) in this study. 405 

3.4 Future work for practical applications 406 

The proposed MD-FO process has shown some initial and promising results for the repetitive 407 

amine-based CO2 capture from flue gas. Results reported in this study also highlight several 408 

technical challenges for further research and development. Future research work is 409 

recommended to include the screening of other commercially available amine solutions for 410 

CO2 desorption by the MD system. Their respective CO2 desorption and degradation are 411 

important parameters to assess their practical applications in the MD system. Further FO 412 

membrane development is recommended to limit the reverse salt flux for low or zero amine 413 

loss and stable water flux during the cooling process. A techno-economic analysis of the 414 

integrated system including the overall energy consumption requirement is also necessary to 415 

evaluate the potential of our proposed MD-FO process for practical applications.   416 
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4 Conclusion  417 

This study demonstrated an integrated MD-FO system for the continuous CO2 capture.  MD-418 

FO simultaneously provides low temperature CO2 desorption and trim cooling as a promising 419 

alternative to utilize waste heat and treated effluent in power plants. The MD process achieved 420 

33.6 and 33.2% CO2 desorption efficiency for MEA and sodium glycinate at 80 °C, respectively. 421 

Interaction between amine adsorbent and the MD membrane could alter the membrane surface 422 

contact angle with water but under all experimental conditions, it was sufficiently hydrophobic 423 

for MD operation. Amine loss during CO2 desorption by MD was insignificant. The 424 

regenerated MEA and sodium glycinate exhibited stable FO water flux for make-up water 425 

provision when secondary treated effluent was used as the feed. The results also highlight a 426 

major technical challenge for further investigation. Repetitive CO2 loading and desorption 427 

showed less than 90% CO2 re-absorption efficiency for either MEA or sodium glycinate in the 428 

second cycle. It is necessary to delineate the reason for this incomplete re-adsorption in a future 429 

study. Although this study is still preliminary, it provides important experimental data for 430 

further development of a novel membrane-based platform for CO2 capture from flue gas.  431 
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