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Abstract

The performance of recently developed polyamide thin film composite hollow fibre forward
osmosis (HFFO) membrane module was assessed for the desalination of brackish
groundwater (BGW) for fertigation. Four different fertilisers were used as draw solution (DS)
with real BGW from the Murray-Darling Basin in Australia. Membrane charge and its
electrostatic interactions with ions played a significant role in the performance of the HFFO
module using fertiliser as DS. Negatively charged polyamide layer promotes sorption of
multivalent cations such as Ca’* enhancing ion flux and membrane scaling. Inorganic scaling
occurred both on active layer and inside the support layer depending on the types of fertiliser
DS used resulting in severe flux decline and this study therefore underscores the importance
of selecting suitable fertilisers for the fertiliser drawn forward osmosis (FDFO) process.
Water flux under active layer DS membrane orientation was about twice as high as the other
orientation indicating the need to further optimise the membrane support structure formation.
Water flux slightly improved at higher crossflow rates due to enhanced mass transfer on the
fibre lumen side. At 45% packing density, HFFO could have three times more membrane
area and four times more volumetric flux output for an equivalent 8040 cellulose triacetate
flat-sheet FO membrane module.

Keywords: desalination, forward osmosis, fertigation, hollow fiber membrane, fertiliser
drawn forward osmosis, fertigation

1. Introduction

Many countries are now facing acute water scarcity problems and the impact of climate
change is further worsening the water crisis [1]. With the rapid increase in the world’s
population, the water demand is all set to increase further indicating that the water crisis is
going to become even more severe in the future. Desalination is therefore going to play an
increasingly significant role in solving the water crisis [2, 3]. There are several state-of-the-
art desalination technologies however, all these technologies are capital and energy intensive
process [4] making desalination either unaffordable or not a cost-effective option especially
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for large-scale irrigation purpose. Agriculture sector account for 70% of the world’s total
water consumption [5] and therefore water shortage could have a devastating consequences
on the world’s food security [1]. Reverse osmosis (RO) process is currently the most energy
efficient desalination technology [6] however; it remains unaffordable to many societies in
the world and certainly not for irrigation use. The high capital and operating costs associated
with the RO technology is because of the need to operate the process at a high hydraulic
pressure [7, 8].

Recently, there have been efforts to develop alternative desalination technologies that operate
at low or no hydraulic pressure and potentially reduce the capital and operation costs.
Forward osmosis (FO) process has emerged as one of the most promising candidates for
desalination with a potential to consume much lower energy than the conventional processes
depending on the types of applications [9, 10]. The FO process relies on the osmotic pressure
difference across the semi-permeable membrane as the driving force to separate salt from the
saline water sources instead of hydraulic pressure in the RO process. The osmotic driving
force is generated by using a concentrated draw solution (DS) on one side of the osmotic
membrane and feed solution (FS) or the impaired water such as saline water on the other side
of the membrane. The water moves from the lower concentrated FS towards the higher
concentrated DS by natural osmosis due to osmotic pressure difference without using any
external energy. The DS finally becomes diluted but it cannot be used directly for potable
purpose unless the draw solute is separated and removed from the pure water. A post-
treatment process is essential for the FO process which could still require energy. Finding an
ideal draw solute for FO process is therefore still a big challenge at the moment for potable
water desalination.

FO is however found ideal when the presence of draw solutes adds value and as such the
diluted DS can be applied directly without the need to separate the draw solutes from the
water [11]. Fertiliser drawn forward osmosis (FDFO) process is one of such application in
which saltwater is converted into nutrient rich water for fertigation using fertiliser solution as
DS. The FDFO process has been recently recognised and studied as one of the most practical
applications of FO process for irrigation [12, 13]. Since the fertiliser is needed for the growth
of the crops/plants, the question of separation of draw solutes from pure water does not arise
unlike for the potable water purpose. The fertiliser concentration however must meet the
nutrient standards for direct fertigation and this is challenging especially when feed water
with a higher salinity is used. Few options have been explored to reduce the fertiliser
concentration such as using blended fertiliser as DS [12], using nanofiltration (NF) as either
pre-treatment to reduce feed TDS or as post-treatment process to reduce fertiliser
concentration and recycle the excess fertiliser for further reuse and extraction of water [14].

Membrane properties play a major role in the performance of the FO process [9, 15, 16].
Following a renewed research interest in the FO process for various applications recently,
many new high performing FO membranes have been reported [17-19]. Most efforts however
focussed on developing polyamide (PA) based thin film composite (TFC) flat-sheet FO
membranes with highly porous support layer to reduce the dilutive internal concentration
polarisation (ICP), found mainly responsible for lower flux efficiency in the FO process.
Although these efforts have helped improve the water flux by several factors however such
membranes are also found to have low mechanical strength [20-22]. Although, the FO
process does not use hydraulic pressure as the driving force nevertheless, membranes in
general have to be robust to endure long-term operations.

Hollow fibre FO (HFFO) membranes could offer several advantages compared to flat sheet
FO membranes [23]. Hollow fibre module have much higher membrane area to volume ratio
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than flat sheets so that large membrane area can be packaged into a small volume (high
packing density) thereby decreasing the footprint and capital cost. For thin membranes
without a fabric backing, fibres are self-supporting and less susceptible to damage during
operational process [24]. As a result of their rugged self-supporting geometry, HFFO
membranes can be made with thinner substrates without fabric backing thereby not only
reducing the material cost but also in reducing the ICP effects. Lab-scale HFFO investigation
during our recent study [25] concluded that water flux during HFFO comparatively gave up
to 66% higher flux outcome in comparison of flat sheet membrane using fertilisers as DS.
Most studies on the FO process including the FDFO process were however conducted at a
lab-scale level with a very small membrane area, mostly less than 0.05 m?® using the only
commercialised cellulose triacetate (CTA) FO membrane and hence the study using hollow
fibre FO membrane module at a larger-scale level are still very limited.

This study investigates the performance of the recently developed PA TFC HFFO membrane
module for the desalination of real brackish groundwater (BGW) for irrigation using fertiliser
as DS. This is the first study on the FDFO desalination process using PA HFFO membrane
module at a much larger scale level than the lab-scale level reported in many earlier studies.
The other specific objectives are to evaluate how the solution properties such as FS and DS
properties and operational conditions such as crossflow rates, membrane orientation influence
the performance of the HFFO when operated at a larger-scale module level. The study also
investigated the impact of scaling on the HFFO membrane when fertilisers are used as DS
with the real BGW for desalination. It is important to note here that, the scope of this study is
limited to evaluating the performance of the newly developed HFFO membrane module for
the FDFO desalination process. The post-treatment system to meet the water quality standard
in terms of nutrient concentration required for fertigation of crops is not included in this study
as it has been separately studied earlier [13, 26, 27].

2. Materials and methods
2.1 Draw solution and feed solution

The saline FS was prepared by dissolving the actual BGW salt in the tap water (TW). The
BGW salt supplied by Pyramid salt Pty. Ltd Australia is collected from some of the
evaporation ponds that are part of the salt interception scheme located within the Murray-
Darling Basin in Australia [13]. The detailed composition of the BGW salt is presented in
Table 1. To simulate the variation of BGW salinity within the basin [26, 28], feed water
containing different levels of salt concentrations or total dissolved solids (TDS) were
prepared and used in this study. BGW5, BGW10, BGW20 and BGW35 therefore represent
the feed water with TDS of 5, 10, 20 and 35 gL respectively.

Table 1: Composition of raw BGW salt (1 g dissolved in clean water) obtained from the
evaporation ponds of the salt interception scheme within the MDB. This same salt was used
to prepare FS of different concentrations by dissolving in the distilled water. The list provides
only those major elements.



Four different fertilisers were used as draw solutes which included monoammonium
phosphate or NH4H,PO, (MAP), diammonium phosphate or (NH,4),HPO,) (DAP),
ammonium sulphate or (NH4).SO4 (SOA) and calcium nitrate or Ca(NO3),.4H,0O. The
selection of the fertilisers were based on the earlier studies in which these fertilisers were
found to be suitable for use as DS [12, 13]. NaCl was also used as reference draw solutes to
compare the performance of the HFFO membrane module with available literatures on the
HFFO membranes. All chemicals used in this study were of technical grade (Chem Supplies,
Australia). All the initial fertiliser DS were prepared by dissolving the fertiliser salts in
distilled water. Table 2 shows some of the essential properties for the five selected fertiliser
DS in solution.

Table 2: Basic and essential properties of the five selected DS used in this study. The
speciation data was obtained using OLI Stream Analyser 9.1.

2.2 HFFO module experimental setup and operating procedures

The process layout diagram of the semi-pilot scale FO unit is presented in Figure 1 along
with the picture of the setup used in the lab. The housing of the HFFO element had an
internal diameter of 7.5 cm and length of 50 cm. The element was composed of 790
individual fibres with an effective length of 45 cm and a total membrane area of 1 m?
supplied by Samsung Cheil Industry, South Korea. The fibres were glued together at each end
of the housing element to provide a perfect sealing and to prevent the leakage of solutions.
The lumen side of the fibre was composed of PA TFC active layer supported on the porous
polyethersulfone (PES) hollow fibre substrate on the outer shell of the fibre. The inner and
outer diameters of these hollow fibre membranes were 0.9 and 1.2 mm, respectively. The
pure water permeability coefficient of the HFFO membrane determined in RO mode at test
pressure ranging between 1.0 and 2.0 bar was 1.92+0.11 Lm™h™bar™ while the NaCl (500
mg/L) rejection was 98.5% at 2 bar. Table 3 provides summary of information on the HFFO
membrane and the its module used in this study.

Two discharge pumps one each for DS and FS were used to maintain cross flows within the
HFFO membrane module. The FS flowed inside the lumen of the HFFO while the DS flowed
outside of fibre through the housing, unless stated otherwise. Unless stated otherwise, most
experiments were conducted at a flow rate of 6 L/min and under a counter-current crossflow
mode and these translate to crossflow velocities of 19.9 cm/s and 2.8 cm/s inside the fibre and
outside the fibre, respectively. The flow rate of 6 L/min was the maximum that could be
achieved with the two pumps used in this study and since these pumps were not variable
speed drive pumps, the maximum flow rate was therefore used for all the experiments. The
experiment for crossflow rate at 2.5 L/min (8.3 cm/s inside the fibre and 1.2 cm/s outside the
fibre) was however conducted using a bypass to control the flow rate to the hollow fibre
module. The initial volume of the DS used was 5.0 L and the FS was 100 L. All the
experiments were conducted in a batch mode in which both the solutions, after passing
through the membrane, were returned or recycled back to their respective tanks. This led to
the continuous dilution of the DS and a continuous increase in the concentration of the FS,
resulting in a decrease in water flux over time.



The performances of the HFFO membrane module were assessed in terms of water flux and
the loss of draw solutes by reverse solute flux (RSF). Water flux across the membrane in the
FO process was calculated from the change in the volume of the DS in the DS tank with the
help of a digital mass scale (GFK 300, ADAM) connected to a computer for online data
logging. The RSF was evaluated by recording the increase in the conductivity of the feed
water by using TW as feed. Since the same HFFO membrane module was used for all the
experiments, it was important that the membrane scaling and fouling from the earlier
experiments, if any, did not affect the results of the subsequent experiments. Therefore, a
strict membrane cleaning protocol was adopted in this study after each experiment. After
each experiment, the membrane was physically cleaned by replacing both DS and FS with
TW and by providing high cross flow rates (6 L/min, limited by the pump capacity) for about
30 minutes. The baseline flux was determined (using 1.0 M NaCl as DS and TW as FS under
the similar operating conditions described above) after each experiment to ensure that the
water flux for the HFFO membrane module is fully restored before starting the next
experiment. If complete recovery was not observed, acid cleaning was performed using 0.1 N
HCI for 15 minutes to ensure that flux was almost fully recovered before starting the next
experiment. Most FO experiments were repeated to confirm the accuracy of the data obtained
and most of flux data were found to be within the error range of 3 to 7%. Some of the
experiments were repeated three times especially when some unusual results were obtained.
Wherever applicable, the error bar has been provided for each data such as in the Figures.

Figure 1. Experimental setup for the FDFO desalination process using hollow 1 m* HFFO
membrane module. (a) Picture of the HFFO membrane module used for all FO experiments
in the lab and (b) the schematic layout of the FDFO desalination process.

Table 3: Basic information about the HFFO membrane and the membrane module used in
this study

3. Results and discussion

3.1 Performance of HFFO membrane module under different draw solution and feed
solution conditions

The solution properties play a significant role in the performance of the FO process [14, 16,
29]. The performances of the HFFO membrane module under different solution properties
were evaluated using different types of DS, different DS concentrations and different feed
TDS. The performance of the HFFO module was measured in terms of the variation of water
fluxes as a function of cumulative volume of water extracted during the FO process. The
HFFO membrane module was operated in a batch mode which led to continuous dilution of
the DS and continuous increase in the TDS of the FS with increase in the cumulative volume
of water extracted as explained earlier under Section 2.2. DS concentration or the osmotic
pressure of the DS is the main driving force in the FO process and a continuous decrease in
the concentration could therefore result in flux decline with time or cumulative volume which
must be identified from the flux decline due to membrane scaling or fouling. In addition, the
TDS of the FS also increases with time as more and more water permeates through the



membrane towards the DS with time which could also contribute towards gradual flux
decline. The osmotic pressures of the five DS at 1 M and 2 M concentrations are provided in
Table 2. The variations of the osmotic pressure with the concentration for the five DS can be
found elsewhere [13]. Therefore the performances of the HFFO membrane module are all
compared in terms of the variation in the water flux with cumulative volume of extracted
water instead of traditional approach of comparing the flux variations with the operating time.
The water flux versus operation time as used in most of the earlier studies for FO process in
fact does not provide adequate comparison because of the differences in the extent of dilution
of the DS as the DS is recycled back to the DS tank.

The performances of the HFFO membrane module using four different types of DS with
BGWS5 as FS is presented in Figure 2(a) and the results show that, SOA and NaCl have the
highest water fluxes amongst the five DS tested in this study. The osmotic pressures of the
SOA and NaCl are comparable for concentrations up to 1.0 M (beyond 1 M NaCl shows
higher osmotic pressure) [13] (also refer Table 2). Although the osmotic pressures or the
driving forces of the CAN and DAP are higher than SOA, NaCl and MAP at 1 M
concentration nevertheless, their water fluxes are much lower and in fact, even lower than
MAP with the lowest osmotic pressure. While DAP usually showed lower water fluxes in our
earlier studies too with CTA FO membrane [13, 28], nevertheless the lower and sharp decline
in water fluxes for DAP and CAN with HFFO membrane is unique to this study. Since a
gradual flux decline with cumulative volume or time is naturally expected for a batch mode
of FO operation however, the sharp flux decline observed for DAP and CAN is in deviation
from this normal flux decline, which is therefore worth further discussing.

The rapid flux decline for CAN and DAP as DS is likely due to membrane scaling as
explained below. To confirm that scaling had indeed occurred during the FDFO process in
Figure 2(a), baseline fluxes of the HFFO membrane module were determined immediately
after each experiment (before physical cleaning) using 1 M NaCl as DS and TW as FS. The
results in Figure 2(b) show that, the baseline fluxes for the HFFO membrane module after
experiment with any of the five DS did not fully recover to its initial baseline flux indicating
that scaling had indeed occurred during experiments with all five DS although the severity of
scaling is different. After physical cleaning for 30 minutes using TW at 6 L/min (crossflow
velocities of 19.9 cm/s inside the fibre and 2.8 cm/s outside the fibre), the water flux
recoveries were almost 100% for NaCl, SOA, CAN and MAP indicating that the scaling
might have occurred on the active layer side of the membrane facing the FS. This scaling on
the active layer side of the HFFO membrane facing the FS could be due to two possible
reasons: super saturation of feed ions or reverse diffusion of draw solute ions that could
interact with the feed ions or both. It has been reported in many earlier studies that, organic
fouling or inorganic scaling formed on the active layer side of the membrane could be
cleaned simply by physical cleaning and seldom required chemical cleaning [30, 31]. The
poor flux recovery of the HFFO membrane module by physical cleaning after DAP
experiment and therefore indicates that, scaling must have occurred inside the support layer
side of the HFFO membrane, which is immune to physical cleaning. Chemical cleaning of the
HFFO membrane module was however able to fully recover the water flux. The scaling
phenomenon in the HFFO membrane module is explained as follows.

The flux decline with CAN as DS is likely due to the reverse diffusion of the CAN DS
towards the FS, which then interacts with scaling ions such as SO.%* to form CaSO, or
gypsum. The reverse diffusion of CAN is generally reported to be higher than other DS
containing divalent cations [32, 33]. The major species present in the CAN DS are Ca”* and



NO;3; as presented in Table 2. The rate of reverse diffusion is a complex phenomenon
involving membrane properties, solute properties and solution chemistry. NO3™ has one of the
lowest hydrated ionic radii because of which the rate of reverse diffusion is high compared to
other anions. Since NO3™ has high rate of reverse diffusion, Ca** ion must also permeate at
similar rate to maintain membrane electro-neutrality. The hydrated ionic radius of the Ca®*
ions are much larger than nitrate NO3™ ions and hence its easy passage through the membrane
will be restricted however, since the PA rejection layer is negatively charged, it would also
promote sorption of Ca®* ions on its membrane interface which could eventually lead to
permeation of some of the Ca®* ions through the membrane. The PA active layer of the TFC
membranes is usually negatively charged due to the presence of carboxylic functional groups
[34, 35] that could form complexes particularly with the divalent ions such as Ca?* and Mg**
This high reverse diffusion of CAN is evident from the results presented in Figure 6 using
TW as FS (more discussion on Figure 6 is included later part of this section) although the
mechanism involved in this particular case is the solution diffusion model due to the absence
of ions in the FS. This reverse permeation or diffusion of Ca’" ions towards the FS could
therefore result in the formation of CaSO, or gypsum scales by combining with SO, ions
present in the FS (refer Table 1 for FS composition). Although the other anions are also
present on the BGW FS however, SO,* with larger valency could have higher affinity
towards Ca”* ion than the other monovalent anions. As the concentration of Ca”* ions at the
membrane surface increases with time, it could initiate the formation of gypsum pre-
nucleation cluster (since CaSO, has very low solubility) and then gradually resulting in
surface crystallisation on the PA active layer [30]. Scaling of FO membrane with CAN as DS
using CTA membrane was not observed in our earlier studies [28] because CTA membranes
are generally not charged at neutral pH and hence reverse diffusion of CAN is expected to be
lower than negatively charged PA membrane.

Similar sharp flux decline was observed with the DAP as DS as shown in Figure 2(a). A
significant scaling problem was experienced with DAP DS using CTA membrane in our
earlier studies due to reverse diffusion of phosphate ions that formed calcium phosphate
scales at the active layer side of the CTA membrane [28]. The scaling mechanism however
could be slightly different here with the HFFO membrane because of the negatively charged
PA layer that determines the ion transfer across the membrane and in particular the scaling
precursor ions. One of the major ionic species of the DAP is NH;" and with its very low
hydrated ionic radius, NH;" could easily diffuse through the membrane. The reverse
diffusion of NH," ions may be further facilitated by the negatively charged membrane
surface through sorption of NH," ions that could accelerate diffusion. To maintain electro-
neutrality, the phosphate anions may be compelled to diffuse at the similar molar flux rate as
NH,*. Phosphate ions are generally multivalent anions (refer to Table 2 for species) and
hence the reverse diffusion through the negatively charged membrane will not be as fast as
NH," since its permeation will be restricted due to charge exclusion of the multivalent
phosphate anions.

The previous study has suggested two transport mechanisms for solute permeation in the FO
process: solution diffusion and ion-exchange mechanisms [32]. In the solution-diffusion
mechanism, an anion and cation from the FS or DS permeates together in equal molar
concentrations to maintain membrane electro-neutrality. In ion-exchange mechanism
however, the ion from FS exchanges with the ion from the DS. It is apparent from Table 1
that, significant concentrations of Na*, Ca?* and Mg** ions are present in the BGW FS. The
negatively charged PA active layer of the membrane could promote sorption of cations
present in the FS eventually facilitating forward diffusion of cations including Ca** and Mg®*



through the PA layer to compensate the high rate of NH," permeate towards the FS. The
permeation of Ca** or Mg?* ions or both from the FS towards the DS containing phosphate
ions could form phosphate scaling (such as calcium phosphate, magnesium phosphate and
struvite) inside the membrane support layer that might have contributed to sharp flux decline.
The slightly alkaline pH (measured 7.9 at 1 M as presented in Table 2) of the DAP solution
could act as a favourable condition for calcium phosphate scale formation inside the
membrane support layer [36]. While it is possible that both Ca** and Mg** could contribute to
the scaling as observed in our earlier study using CTA membrane however, given the higher
Ca®" ion concentration than Mg”* in the BGW FS (refer to Table 1), it is reasonable to expect
that calcium phosphate could have been contributed more to scaling inside the membrane
support layer than magnesium phosphate. Moreover, Ca?* ion rejection is slightly lower than
Mg** ions for PA membranes since Mg?®* ions have slightly larger hydrated radius [37].

It may be mentioned here that, gypsum and phosphate scaling could be confirmed by
conducting membrane autopsy such as using SEM imaging, EDX or HRD. Autopsy was not
conducted in this study because; the manufacturer could supply only one hollow fibre module
at this stage and hence the same module had to be preserved for other future studies. The
gypsum and phosphates (Mg/Ca) scaling due to reverse diffusion of sulphate and phosphate
ions was however already confirmed in our earlier study using SEM imaging, EDS and XRD
analysis for similar DS and FS conditions [28] and hence the similar scaling phenomenon is
expected to occur in this study.

It may also be argued here that, similar scaling effect as DAP inside the support layer should
have been observed when SOA and MAP are used as DS. The forward diffusion of Ca* ions
from the FS could meet similar fate with the sulphate or phosphate ions of the DS inside the
support layer resulting in the formation of gypsum or calcium phosphate scaling inside the
support layer however, scaling does not seem to have occurred with SOA or MAP as evident
from the gradual flux decline observed in Figure 2(a) which is simply due to dilution effect.
This could probably be explained due to low pH of the SOA (pH 5.4) and MAP (pH 3.9) DS
which likely prevented or perhaps slowed down the formation of scales inside the support
layer. Under acidic conditions, the solubility of the inorganic scaling compound is generally
enhanced and this is actually the reason why acidic cleaning is generally recommended for
removing the scales from the membranes [38]. These results using four different fertiliser DS
show that, besides the valency and type of charge of the ions of both DS and FS, the solution
pH and membrane charge could play a significant role in the formation of inorganic scales in
the FO process and contribute towards flux decline. This results therefore underscore the
importance of selecting an appropriate fertiliser DS for the FDFO process for the desalination
of BGW for fertigation which otherwise scaling will become a major issue during the process
needing chemical cleaning to recover the water flux of the HFFO membrane as evident from
the baseline results presented in Figure 2(b).

Figure 2: Performance of the HFFO membrane module under different DS properties. (a)
Variation of water fluxes for five different types of DS with cumulative volume of water
extracted and (b) baseline fluxes of the HFFO membrane module conducted using 1 M NaCl
as DS and TW as FS after the module was subjected to five hours of experimental run with 1
M DS and BGWS5 FS.



The performance of the HFFO membrane module under different DS concentrations is
presented in Figure 3 for SOA and NaCl as DS using BGWS5 as FS. Figure 3(a) shows the
variations of water fluxes with cumulative volume using four different concentrations of SOA
DS with BGWS5 as FS while Figure 3(b) shows the initial water fluxes under different SOA
and NaCl DS concentrations with BGWS5 as FS. These results show that, the initial water flux
of the HFFO module increases when a higher initial DS concentrations are used. This
increase is as expected given that at higher concentrations, the DS generates higher osmotic
pressure and increases the osmotic driving force resulting in higher water flux. However from
Figure 3(b), it is clear that, increase in the water flux gradually levels off at certain value
despite further increase in the DS concentration. As observed in the earlier studies, the
logarithmic increase in the water fluxes with DS concentrations shown in Figure 3(b) is
because of the increased severity of dilutive ICP effects that occur when higher DS
concentrations are used. This is the flux paradox of the FO process where, the increased
water flux itself acts as a limiting factor by enhancing the dilution of the DS at the membrane
surface facing the DS ultimately decreasing the osmotic driving force and the water flux [39,
40]. Using higher DS concentration in fact results in increased feed recovery rate which could
promote scaling on the membrane surface however, the results from Figure 3(a) do not show
a rapid and unusual flux decline indicating the absence of scaling even when the FO process
was operated at higher feed recovery rates. Although the feed recovery rates of the module
was less than 3% as mentioned earlier however, the overall feed recovery rate for the FO
process conducted in batch mode was as high as 30% for 3 M SOA DS. This result further
confirms earlier assumption that using SOA as DS with BGW did not show any sign of
significant membrane scaling.

Given the non-linearity of the water flux with the DS concentrations in the FO process, it is
important to start the FO process with optimum initial DS concentration. Using a very high
DS concentration may in fact increase the pumping cost because of the increase in the
specific weight and viscosity of the DS. Moreover, for a full-sale FO desalination plant with
fixed number of membrane modules/membrane area, using higher initial DS concentration
could also result in higher concentration of the final diluted DS exiting from the modules
which is not desirable [41]. Although the DS will ultimately become diluted as the FO
process progresses with time, it is important that an optimum initial DS concentration is
determined for effective operation of the FDFO desalination process that may also be
influenced by factors such as the initial water flux of the DS, total membrane area used in a
module, feed properties, etc. The results from Figure 3(b) however cannot identify the
optimum initial DS concentration since the module used in this study had an area of only 1
m? where the recovery ranges within the module is only about 3%. Experimental data using
much larger membrane area or number of modules could provide a more realistic idea of the
optimum initial DS concentrations that must be used for the FO process.

Figure 3: Performances of the HFFO membrane module under different DS concentrations.
(@) variation of water flux with cumulative extracted volume for different SOA DS
concentrations using BGWS5 as FS and (b) variations of the initial water fluxes of SOA and
NaCl at different DS concentrations using BGW5 as FS. Other experimental conditions
include crossflow rate of 6 L/min (crossflow velocities of 19.9 cm/s inside the fibre and 2.8
cm/s outside the fibre), counter-current crossflow mode and operational temperature of 25°C.



FS properties play a vital role in the performance of the FO process just as they do in the RO
process [14]. While the feed salinity or the osmotic pressure of the FS directly influences the
net osmotic pressure or the driving force, the presence of other solutes either in dissolved
form or in suspended form can directly affect the performance of the FO process. The
enhanced concentrations of some of the ions such as Ca**, SO,*, Ba®*, COs%, etc. could be a
precursor to scale formation that could lead to rapid flux decline during the membrane
process. In order to study the influence of feed TDS on the performance of the HFFO
membrane module, five different feed concentrations or TDS were tested using 1 M SOA as
DS. These feed conditions are represented as BGW 5, BGW 10, BGW 20 and BGW 35
corresponding to TDS of 5,000, 10,000, 20,000 and 35,000 mgL™ respectively, as FS and 1
M of SOA as DS.

The results in Figure 4(a) show that, the water flux decreases significantly and exponentially
with the increase in feed TDS. This decrease in the water flux with TDS is due to increase in
the osmotic pressure of the FS that reduces the net driving force or the osmotic pressure
difference between the two solutions to generate water flux. The significance of this is that,
the volume of water a unit mass of the fertiliser DS can extract will be severely limited by the
TDS or osmotic pressure of the FS which will then affect the extent of final dilution or
concentration of the diluted fertiliser DS. Using a FS with higher TDS will result in
corresponding higher concentrations of the final diluted DS based on the principle of osmotic
equilibrium and hence the fertiliser concentration may be too high for direct fertigation [41].
This however applies to any types of FO membranes irrespective of their flux efficiency and
their modular configurations. Figure 4(b) shows the variation of water flux with the increase
in the cumulative volume using different TDS of the FS 1 M SOA as DS. As the Figure
shows, no abrupt decrease in the water flux was however observed during the operation of the
FO process indicating that the influence of membrane scaling was not significant in this
particular study with SOA DS. This was perhaps due to low recovery rate at which the feed
was operated. The final recoveries of the feed water tanks were only about 20% to 30%.
Scaling issues could however become more prominent if the unit was operated at higher
recovery rates for longer time as a result of surface crystallisation [42, 43].

Figure 4. Influence of feed water properties on the water flux. (a) variation of the initial water
flux with the feed TDS and (b) variation of water flux with the cumulative DS volume.
Experimental conditions include DS: 5 L of 1M SOA, FS: 100 L of actual BGW at different
TDS, crossflow velocity: 19.9 cm/s inside the fibre and 2.8 cm/s outside the fibre.

Most polymeric semi-permeable membranes are not an ideal membrane and hence any
osmotic processes involve bi-directional movement of the solutes across the semi-permeable
membrane [44, 45]. Similar to RO membranes, FO membranes have salt rejection less than
100% which means that certain percentage of feed salts passes through the membrane along
with the permeate. In addition, the FO process involves two independent solutions and hence
the draw solutes also reversely diffuse towards the feed (in opposite direction to the permeate
water flux) and therefore it is important that the performance of the FO process is assessed in
terms of the loss of draw solutes by reverse diffusion. The reverse diffusion of draw solutes
has serious implications such as economic loss of the draw solutes, which needs
replenishment. More significantly, the presence of certain draw solutes could complicate the
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FO concentrated brine management due to the potential of some of the DS to cause
environmental toxicity [29].

Reverse diffusion of draw solutes is usually measured in terms of the reverse solute flux
(RSF) and specific reverse solute flux (SRSF). The RSF refers to the mass of draw solutes
that pass through the membrane in a unit membrane and in a unit time while the SRSF refers
to the mass of draw solutes that pass through the membrane per unit volume of water that
permeates the membrane. In many earlier studies, the RSF has been observed to increase
when higher DS concentrations are used which is also consistent with the solution diffusion
models suggested for the RSF [28, 46]. However, from the results in Figure 3 above, it is
clear that, the water flux is also higher when higher DS concentrations are used in the FO
process. Therefore, SRSF (ratio of solute flux to water flux) has been considered as the most
accurate way of assessing the reverse diffusion of the draw solutes per unit volume of water
extracted by the DS and hence in this study only SRSF has been used for discussion.

Figure 5 presents the loss of the draw solutes measured in terms of SRSF for all the four
fertilisers and NaCl at 1 M DS using TW as FS. TW was used as FS for evaluating the RSF.
The SRSF of CAN (1.2 gL™) was observed the highest while DAP showed the lowest SRSF
(0.16 gL ™) amongst the five DS studied. In fact, the SRSF of CAN is even higher than NaCl
which is surprising given that, SRSF of NaCl is usually observed to be much lower than those
multivalent DS using CTA FO membranes. Although CAN is a divalent DS nevertheless, the
high SRSF indicates the role of the negatively charged PA membrane that attracts divalent
counter ions (cations) thereby slightly enhancing the passage of Ca®* ions as discussed
earlier. Although, NOj3™ ions are expected to be rejected by the negatively charged membrane
surface however, in order to maintain electro-neutrality across the membrane, NO3™ anions
have to diffuse simultaneously with the Ca®" ions since there are no other significant ions
present in the FS (TW is used). The SRSF of SOA, MAP and DAP is quite reasonably low
because of the presence of the multivalent anions which are more repelled and rejected by the
negatively charged PA layer of the HFFO membrane. The water flux (5 Lm*?h™ at 0.5 M
NaCl as DS and BGWS5 as FS) and the SRSF of the NaCl (0.5 gL™) is comparable to the
performances of some of the reported studies on the PA based TFC flat sheet FO and HFFO
membranes [18] however, the performance is still not as efficient as other reported PA based
TFC HFFO membranes [23].

Figure 5: Loss of draw solutes during the operation of the semi-pilot HFFO unit measured in
terms of RSF and SRSF for selected DS concentrations using TW as feed water.

3.2 Performance of a HFFO membrane module under different operating conditions

The performance of the HFFO membrane module was evaluated under different operating
conditions such as membrane orientation, crossflow direction and the crossflow rates and
their results are presented in Figure 6. As any salt rejecting polymeric membranes, the HFFO
used in the study is also made up of an asymmetric structure containing a thin PA salt
rejecting layer on the thick porous support layer. Membrane asymmetry plays a significant
role on the performance of the FO process. The influence of membrane orientation for the
semi-pilot HFFO unit was observed by comparing the water fluxes under active layer facing
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FS (AL-FS) and active layer facing the DS (AL-DS). Figure 6(a) shows the variation of water
fluxes when the HFFO membrane element was operated under two different membrane
orientations using 1.0 M SOA as DS and BGWS5 as FS. The results indicate that, under the
AL-DS of membrane orientation, the water flux is more than twice as high as under the AL-
FS of membrane orientation. The water fluxes in the AL-DS are usually higher as observed in
many earlier studies with the membrane synthesised in the labs. Such a large difference in
water fluxes between the two modes of membrane orientations not only confirms further how
the dilutive ICP plays a major role in lowering the water flux in the FO process but also
shows how support layer formation of this HFFO membrane contributes to enhanced dilutive
ICP effects.

The initial water flux under the AL-FS of membrane orientation for TFC HFFO membrane
module is about 8 Lm™?h™ using 1 M SOA as DS and BGWS5 as FS (Figure 6) which is
comparable to the water flux of 7 Lm?h™ for CTA flat-sheet FO membrane operated under
similar operating conditions (except in total membrane area) [12]. Given that the TFC HFFO
membrane has pure water permeability coefficient two times higher (1.8 Lm?h™) than the
CTA flat-sheet FO membrane (1.01 Lm2h™) [25], it was in fact expected that the, water flux
for TFC HFFO membrane could be comparatively higher than the CTA FO membrane. This
therefore indicates that, the dilutive ICP effect for the TFC membrane is even higher than the
CTA FO membrane and this could likely be due to the support layer property of the TFC
HFFO membrane. Figure 7(a) presents the SEM images of the cross section of the HFFO
membrane. The support layer of the fibre has a finger-like structure that is purposely
designed to create macro-voids and increase the porosity of the support layer and facilitate
easier diffusion of DS towards the rejection layer located on the lumen side of the fibre. The
support layer should provide minimum resistivity to the diffusion of the DS which otherwise
could significantly reduce the driving force to generate water flux. This is one of the main
reasons why most recent efforts to develop efficient FO membrane have been in improving
the structural parameters such as by increasing the porosity and reducing the tortuosity and
thickness so that the dilutive ICP effect is reduced [47, 48]. However, despite higher PWP
for the HFFO membrane, its lower water flux than expected under the FO mode indicates
that, the resistance to diffusivity of the DS in the support layer is still high. A closer
observation of the support structure from the SEM images in Figure 7(a) reveals that, the
support layer formation may not have been a fully optimised.

Although, finger-like macro-voids are formed within the support layer, they do not seem to
be connected or open to the external shell of the fibre. Most macro-voids, visible in the SEM
images, tend to terminate before reaching the external shell of the fibre making the layer near
the shell surface appear denser and less porous. This could likely increase the resistivity of
the support layer structure to the diffusivity of the draw solutes. The other observation to note
is the presence of two distinct layers of support structure formation each having independent
finger-like water channel formations not directly connected to each layer formation. There is
clearly a solid mass of membrane support layer between the two finger-like layers of porous
water channels. This discontinuity of the finger-like water channels within the support layer
could reduce the diffusivity of the draw solution significantly thereby likely contributing to
the increased severity of dilutive ICP effects in the AL-FS of operation. Such discontinuity of
the finger-like water channels were not reported in the PA TFC flat-sheet FO membranes
where the water flux under the FO mode of membrane orientation is reported to be
comparatively higher [17-19]. Given the propriety of the TFC HFFO membrane used in this
study, we could not shed any light on the reasons for the formation of this type of support
layer formation. The lower than expected water flux for the TFC HFFO membrane used in
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this study however shows the importance of fully optimising the support layer formation
during the fabrication of the HFFO membrane.

It may not be however fair to compare the water flux between the CTA and TFC membrane
under AL-FS because they have totally different membrane properties in terms of materials,
surface chemistry, salt rejection layer thickness, support layer structure, etc. which all could
result in different efficiencies. This finger-like support structure for TFC HFFO membrane is
quite different from the one generally shown cross section of the flat sheet CTA FO
membrane composed of polymer mesh embedded within the CTA membrane reported in
many literatures [17-19]. Comparison under the AL-DS of membrane orientation between
HFFO membrane and flat sheet CTA FO membrane is however straightforward given that the
dilutive effect now occurs on the external side of the membrane. By safely neglecting the
contribution of concentrative ICP effects, which is generally less significant than the dilutive
ICP effect, the comparison now becomes only due to a function of the membrane active layer
properties of the two membranes.

The percentage increase in the water flux under the AL-DS compared to AL-FS of membrane
orientation for HFFO membrane is significantly higher than that of the CTA FO membrane
[14]. This high water flux under the AL-DS of membrane orientation for TFC HFFO
membrane is likely due to two main factors: high water permeability and enhanced DS
mixing on the lumen side. The water flux is a function of the membrane permeability and
driving force and since the PWP of TFC HFFO membrane is much higher than the CTA FO
membrane, its water flux under the AL-DS is therefore expected to be much higher. The
other likely reason is the high velocity shear of the DS that occurs within the small confined
tube of the lumen side of the HFFO membrane favouring more turbulence and better mixing
and hence, lower dilutive ECP effects. The Reynolds number of the DS inside the lumen side
(PRO) of the hollow fibre membrane was 84,140 compared to only 13,360 when it flows
outside the lumen under the AL-FS of operation which could significantly enhance the
mixing thereby reducing the dilutive ECP effects. Such conditions are not available when the
DS flows outside of the lumen side of the HFFO membrane where the spacing or the cross
sectional area is comparatively large and hence the DS velocity could be much lower than
lumen flow for the same DS flow rates. The high water flux under the AL-DS of operation
for this HFFO membrane is quite promising especially when a high quality pre-treated feed
water is to be used for the desalination process [26].

Crossflow direction could play a significant role in the performance of the FO process both in
terms of the water flux and the final concentration of the diluted DS [41]. The influence of
the crossflow directions on the semi-pilot HFFO unit was assessed by operating the unit
under co-current and counter-current crossflow modes using 1 M SOA as DS and BGWS5 as
FS. Figure 6(a) shows the variations of the water flux under the two different crossflow
modes of operation. It is clear from these results that there are no noticeable differences in
water flux between the co-current and counter-current crossflow modes of operations [49].
This is likely due to the short membrane length (45 cm) and the smaller membrane area (only
1 m® used in the membrane module which gives a feed recovery rate of only about 3% not
adequate to show any noticeable differences in the water flux. FO modelling has in fact
shown that, the water flux under the counter-current crossflow mode could be slightly higher
than the co-current crossflow mode when the FO process is operated under full-scale modular
FO system [41]. Few lab-scale studies using flat-sheet FO membranes have reported a
slightly enhanced water flux under the counter-current crossflow mode of operation [49-51].

13



Figure 6(b) presents the influence of crossflow rates on the water flux. The same crossflow
rates were maintained for both the DS and FS although it does not translate into equal
crossflow velocity or Reynolds number due to the difference in the geometry for inside and
outside the lumen side of the hollow fibre membrane. The influence of the crossflow rates on
the water flux of the HFFO membrane module was observed by operating the FO module
under two different crossflow rates (2.5 L/min and 6.0 L/min corresponding to Reynolds
numbers of 5,566 and 13,360, respectively) and under AL-FS membrane orientation mode.
The results in Figure 6(b) indicate that an HFFO membrane unit operated at higher solution
flow rates could result in slightly improved water flux. Such visible influence is not usually
observed in the lab-scale FO unit using a rectangular FO cell [22, 49, 52]. The slightly
enhanced water flux observed at higher crossflow rate is likely due to increased crossflow
velocity of the FS that increases the mass transfer coefficient of the feed solutes thereby
reducing the concentrative ECP effects at the membrane surface. Increased crossflow rate of
the DS on the support layer side of the membrane is not expected to have any influence in
reducing the ICP effect as it occurs within the support layer. However, it must be noted that,
increasing the flow rates however not only reduces the feed recovery rates but also decreases
the dilution of the bulk DS concentration and hence DS that comes out of the module will
have much higher concentration which is not desirable. Adopting optimum crossflow velocity
is also important as increasing flow rates could also increase cost on the pumping energy.

Figure 6: Performance of the HFFO membrane module under the influence of different
operating conditions: (a) different membrane orientations and crossflow directions and (b)
different solution crossflow rates. Crossflow rate of 6 L/min corresponds to crossflow
velocities of 19.9 cm/s inside the fibre and 2.8 cm/s outside the fibre and likewise, crossflow
rate of 2.5 L/min corresponds to 8.3 cm/s inside the fibre and 1.2 cm/s outside the fibre.

Figure 7: Cross-sectional SEM images of the two FO membranes (a) PA HFFO membrane
used in this study and (b) CTA FO membrane used in our earlier studies.

3.3 Implications of the performances of the HFFO membrane module

Table 4 presents the comparative parameters of the flat sheet spiral wound (8040) CTA FO
membrane module (HTI Inc. USA) recently tested in our lab [53] and the 1.0 m* HFFO
membrane module used in this study. The HFFO membrane module contains a total of 790
fibres (external fibre diameter of 1.2 mm and internal diameter of 0.9 mm and 45 cm
effective length) inside a 7.5 cm diameter module/housing with a total packing density of
about 20%. The module average water fluxes are 4.5 Lm?h™ for 8040 CTA FO module [53]
and 6.0 Lm™h™ for the HFFO membrane module both using 1 M SOA as DS and BGWS5 as
FS. Table 4 shows that, for a membrane module of similar 8040 size, HFFO membrane will
have higher effective membrane area of 14.9 m? compared to 11.2 m? for spiral wound flat
sheet FO membrane based on the similar packing density as used in the test module.
Although, the total membrane area of 8040 HFFO module (14.9 m?) is not significantly
higher than the 8040 spiral wound module (11.2 m?) however, given its higher water flux, the
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volumetric flux output per module is significantly higher for HFFO module (89.4 Lh
'module™) than the spiral wound CTA module (39.2 Lh™module™).

Generally for commercial applications, the preferred packing density of the hollow fibre
membrane is generally 45-60% [54]. Assuming a packing density of 45%, the total
membrane area for 8040 HFFO membrane has been estimated at 35 m* which is three times
as high as the effective membrane area of the spiral wound 8040 CTA module. At this
packing density, the volumetric output per module would increase to 211 Lh™, which is more
than four times higher than the 8040 CTA FO module. These results indicate the inherent
advantages of the HFFO membrane module over the spiral wound CTA FO membrane
module in terms of much lower footprint and membrane cost for an FO desalination plant.
However, it must also be acknowledged that, the calculations for the 8040 HFFO module is
based on the module average water flux of the 1 m?> HFFO membrane module. The actual
module average water flux for the HFFO membrane module with larger membrane area
would have slightly lower water flux than used here for calculation since the water flux
decreases with the packing density of the hollow fibre module [54, 55].

Table 4: Comparative parameters of the hollow fibre FO and spiral would membrane
modules for the FDFO process

4 Conclusions

The performances of the newly developed PA based TFC HFFO membrane module with a
membrane area of 1 m? were tested using four different fertilisers and NaCl as DS and real
BGW FS obtained from one of the salt interception schemes in the Murray Darling Basin.
The following are the conclusions drawn from this particular study:

e Membrane charge and its electrostatic interactions with the ions played a significant role
in the performance of the HFFO module especially when fertilisers containing scaling
ions are used as DS. Negatively charged PA layer of the HFFO membrane favoured
sorption of multivalent cations such as Ca®* ions which likely enhanced the ion flux
through the rejection layer resulting in the formation of scales and flux decline.

e Although slight scaling seems to have occurred for the HFFO membrane module using all
five selected DS however, flux decline was more severe with CAN and DAP fertiliser as
DS. Scaling occurred inside the support layer of the HFFO membrane when DAP was
used as DS and only acidic cleaning was able to restore the flux fully. Physical cleaning
was effective for restoring the water flux of the HFFO membrane module when scaling
occurred on the active layer side of the membrane. The complex interaction between the
membrane surface and the solute ions however underscores the importance of selecting a
suitable fertiliser candidate for the desalination of BGW by FDFO process.

e The water flux under the active layer DS (AL-DS) of membrane orientation was about
twice as high as under active layer FS (AL-FS) of membrane orientation. The lower water
flux than expected in the AL-FS of membrane orientation was probably due to the non-
optimised support layer formation in which the finger-like water channels were not fully
inter-connected thereby reducing the diffusivity of DS through the support layer.
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Consistent with the lab-scale studies, the water flux increases non-linearly with the
increase in the DS concentrations, which underscores the importance of selecting an
optimum initial DS concentration to reduce the pumping energy cost.

The water flux decreased exponentially with the increase in the feed TDS however, no
abrupt decrease in the water flux was observed indicating the absence of membrane
scaling using SOA was used as DS.

A slight increase in the water flux was observed when the cross flow rates of the solutions
were increased due to enhanced velocity shear and mass transfer on the FS side of the
membrane that likely reduced the concentrative ECP effects.

No significant difference in the water flux between co-current and counter-current
crossflow directions was observed probably due to the low recovery rate of this HFFO
membrane module.

Based on the performance of the HFFO membrane module in this study, it is observed
that the HFFO membrane module with a packing density of 45% could offer membrane
area three times more and volumetric flux output four times more compared to the CTA
FO membrane with a size similar to 8040 spiral wound FO membrane module.
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Table 1: Composition of raw BGW salt (1 g dissolved in clean water) obtained from the evaporation
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Table 2: Basic and essential properties of the five selected DS used in this study. The
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Table 1

Concentrations in 1 gL™

Composition . 3 Composition Concentrat?ons in1 glL_l
salt solution (mgL™) salt solution (mgL™)

Calcium 32 Chloride 558

Magnesium 13 Sulphate 52

Potassium 3 CO3 2

Sodium 340 Total (TDS) 1000
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Table 2

Name of fertilisers Chemical MW  Osmotic pH*@ Species formed in 2.0 M
formula pressureatlIM 1.0M solution at 25 °C and 1.0
& 2 M (atm) atm. pressure.
Ammonium sulfate (SOA) (NH,4),SO, 1321 455&90.9 5.2 NH,*, S0,*, NH,SO,
Calcium nitrate (CAN) Ca(NO3), 164.1 51.6 &107.2 6.8 NO;, Ca®*, CaNOy,
Mono-ammonium NH4H,PO, 1150 43.4&86.1 4.2 NH,", H,PO,, H,P,0,%,
phosphate (MAP) H3PO,, HP,0,*
Diammonium hydrogen (NH4),HPO 1321 49.8&93.6 7.9 NH,", HPO,%, P,0,%,
phosphate (DAP) s H,PO,, HP,0,*
Sodium chloride NaCl 58.44 46.1 & 99.1 7.0 Na*, CI
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Table 3

Membrane parameters

Values

Hollow fibre data

Rejection layer

Polyamide (PA)

Support layer

Polyethersulfone (PES)

Outer diameter

1.2 mm

Inner diameter

0.9 mm

Rejection layer

Inside facing lumen side

Pure water permeability

1.92+0.11 Lm?h*par?

Salt rejection (500 mg/L NaCl) | 98.5% at bar 2.0 bar
Module data

Diameter 7.5cm

Effective module length 45 cm

Outer module length 50 cm

Total number of fibres 790

Total membrane area 1.0m2
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Table 4

Parameters CTA module [53] HFFO module

Types of module Spiral wound Hollow fibre
Module size for comparison ~ 8040= 80" x 40” o

20.32 X 101.6 cm 7.5 x 50 cm [used in this study]
Total membrane area 11.2 m? 1.0 m?
Module packing volume 3.2931x10?m? 2.2078x10° m*
Total membrane area 14.9 m* at 20% packing density
converted in 8040 module 11.2 m? 35 m? at 45% packing density
Module average water flux 201 201
using [L M SOA:BGWS5] 4.5 Lm*h 6.0 Lm™h
Volumetric output from each 50.4 Lht 89 Lh™ at 20% packing density

8040 membrane module

211 Lh! at 45% packing density
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LIST OF FIGURES

Figure 1: Experimental setup for the FDFO desalination process using hollow 1 m* HFFO
membrane module. (a) Picture of the HFFO membrane module used for all FO experiments
in the lab and (b) the schematic layout of the FDFO desalination process.

Figure 2: Performance of the HFFO membrane module under different DS properties. (a)
Variation of water fluxes for five different types of DS with cumulative volume of water
extracted and (b) baseline fluxes of the HFFO membrane module conducted using 1 M NaCl
as DS and TW as FS after the module was subjected to five hours of experimental run with 1
M DS and BGWS5 FS.

Figure 3: Performances of the HFFO membrane module under different DS concentrations.
(a) variation of water flux with cumulative extracted volume for different SOA DS
concentrations using BGWS5 as FS and (b) variations of the initial water fluxes of SOA and
NaCl at different DS concentrations using BGWS5 as FS. Other experimental conditions
include crossflow rate of 6 L/min (crossflow velocities of 19.9 cm/s inside the fibre and 2.8
cm/s outside the fibre), counter-current crossflow mode and operational temperature of 25°C.

Figure 4: Influence of feed water properties on the water flux. (a) variation of the initial water
flux with the feed TDS and (b) variation of water flux with the cumulative DS volume.
Experimental conditions include DS: 5 L of 1M SOA, FS: 100 L of actual BGW at different
TDS, crossflow velocity: 19.9 cm/s inside the fibre and 2.8 cm/s outside the fibre.

Figure 5: Loss of draw solutes during the operation of the semi-pilot HFFO unit measured in
terms of RSF and SRSF for selected DS concentrations using TW as feed water.

Figure 6: Performance of the HFFO membrane module under the influence of different
operating conditions: (a) different membrane orientations and crossflow directions and (b)
different solution crossflow rates. Crossflow rate of 6 L/min corresponds to crossflow
velocities of 19.9 cm/s inside the fibre and 2.8 cm/s outside the fibre and likewise, crossflow
rate of 2.5 L/min corresponds to 8.3 cm/s inside the fibre and 1.2 cm/s outside the fibre.

Figure 7: Cross-sectional SEM images of the two FO membranes (a) PA HFFO membrane
used in this study and (b) CTA FO membrane used in our earlier studies.
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Figure 3
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Figure 4
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Figure 5
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Figure 6
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Figure 7
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